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Abstract 

Chemical recycling via conversion refers to the use of a chemical process to convert plastic waste into an oil like 
hydrocarbon stream. In schemes where thermal pyrolysis is the conversion route the product is a pyrolysis oil typically with 
a very high nitrogen and olefins content.  Further processing of this pyrolysis oil in the refining/petrochemical industry 
requires a previous hydrodenitrogenation step in order to guarantee product specifications and protect catalyst in 
downstream processes. To get a deeper understanding on the combined hydrodenitrogenation, and the consequent olefin 
saturation, an experimental study and kinetic modelling of the hydrotreating of a mixture containing  hexadecene, 
octadecene and quinoline. The experiments were done using a commercially available NiMoP/Al2O3 catalyst (HR-348 from 
PROCATALYSE) in a three phase Robinson Mahoney reactor. Operating conditions were set at a fixed H2/HC ratio of 890 
Nm3 m-3 and  pressure of 90 bar while  temperature ranged between 300 and 350°C and LHSV varied between 0.4 and1 h-

1. It was observed that olefin conversion decreases dramatically with LHSV at 300 C being the lowest between 70% and 
75% at the lowest LHSV tested value. The higher the temperature the less pronounced the contribution of LHSV on 
conversion. At 350 C olefin conversion was always above 95%. Quinoline conversion was always  higher than 95%. 
However, the maximum achieved conversion towards non-nitrogenated compounds was only 15%.  The hydrogenated 
intermediate 1,2,3,4 tetrahydroquinoline (14THQ) was identified as the major product in all cases. Other intermediates 
including 5,6,7,8 tetrahydroquinoline (58THQ) and decahydroquinoline (DHQ) were also identified but in smaller 
concentrations. The more severe the operating conditions the lower the selectivity towards 14THQ confirming that quinoline 
follows a sequential hydrodenitrogenation process with an initial hydrogenation mainly towards 14THQ. This intermediate 
could follow a ring opening reaction, producing either orto-propylaniline (OPA) by direct ring opening without 
hydrogenation of the benzene ring ,and finally denitrogenation producing propylbenzene (PB). Another path of reaction 
could be initialhydrogenation of the benzene ring of 14THQ and later ring opening producing the intermediate 
propylcyclohexylamine (PCHA) and finally propylcyclohexane (PCH) via denitrogenation. The results of the kinetic 
modelling were inconclusive as low F-values were obtained but this may be due to the low number of experiments performed 
and the  chosen experimental conditions  were not appropriate for parameter estimation.  By comparing these results with 
the ones on the literatures it can be deduced that olefin saturation interferes with the hydrogenation and ring opening 
reactions of the intermediates of quinoline hydrodenitrogenation as lower nitrogen conversions than in the literature at 
similar operating conditions were obtained.   
 

Keywords: chemical recycling, pyrolysis oil, olefin saturation, quinoline hydrodenitrogenation, hydrotreating 
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1. Introduction 

Plastics are used in a wide range of industrial processes, 
from packaging applications to automotive or electronics 
parts production, due to the versatility of their mechanical 
properties. As a result, the global consumption of plastics 
has grown from 1.5 Mt in 1950 to 359 Mt in 2018 [1]. A 
major issue associated with plastics production is its end-of-
life management. Some plastics could have a long service 
life, up to 50 years as in aerospace applications, while others 
have a service life that range from a few days to a few 
months, such as in packaging applications. Since packaging 
has a share of 40% in the end use market of plastics in 
Europe [2], it represents a big environmental problem. It is 
estimated that from 4 to 12 Mt/y of waste plastics end up in 
the ocean [3]. The effects of this situation on marine life and, 
in consequence, on the human being is of increasing 
concern.  
 
From a general point of view, plastics recycling can be 
achieved using two methods: mechanical and chemical. A 
schematic representation of the different methods for 
plastics recycling is shown in Figure 1. Mechanical recycling 
is a process where a plastic stream is reduced in size, melt, 
and reshaped to produce a new final product [4]. A big 
disadvantage of this method is that with each recycling cycle 
a lower quality product is produced until it has no practical 
use [5]. Chemical recycling refers to the use of a chemical 
process to convert the plastic waste weather into simpler 
compounds such as the ‘constituents’ monomer of the 
polymer, or an oil like hydrocarbon stream that can be used 

as feedstock in the refining/petrochemical industry [4].  
 

Figure 1 Schematic representation of a closed looping chemical 
recycling integrating steam cracking and hydroprocessing 

(hydrotreatment and hydrocracking) 

Figure 1 shows a global scheme of chemical recycling that 
integrates traditional refining/petrochemical units such as 
hydrocracking and steam cracking with thermal pyrolysis. 
In this configuration the plastic waste is initially processed 
via thermal pyrolysis to obtain a hydrocarbon rich stream 
called plastic pyrolysis oil (PPO). PPO produced from 
plastic waste is a complex hydrocarbon mixture containing 
paraffins, naphthenes, aromatics and an elevated proportion 
of olefins, with a carbon range distribution between 3 and 
even more than 50 carbon atoms. A high content of nitrogen 

heterocompounds are also found in these streams. This 
unconventional stream  is mixed with a conventional 
petroleum fraction, such as vacuum gas oil (VGO), and 
processed using an integration of hydroprocessing and 
steam cracking aiming to maximice the production of the 
building block for polymers ethylene  andpropylene.After 
production of new plastics, the loop is closed when they are 
collected and pyrolized  
.  
Using the described configuration, it is possible either to 
produce fuels in a typical configuration for a hydrocracking 
unit or to produce a synthetic feed for a steam cracker. In 
any case, nitrogen compounds need to be removed to 
guarantee product specifications and to avoid inhibition 
effect in the downstream hydrocracking catalyst [6] for 
which a hydrotreating unit is used previous to the 
hydrocracking-steam cracking process sequence.Since 
virgin petroleum fractions do not contain olefins, 
hydrodenitrogenation is normally made in absence of 
olefins. Consequently literature on kinetics for 
hydrodenitrogenation combined with olefin saturation is 
very limited. The aim of this thesis is to perform an 
experimental study that allow to get a deeper understanding 
about the combined hydrodenitrogenation and saturation of 
long olefins, particularly in scenarios of high concentration 
of olefins. For this purpose, a combination of model 
molecules for nitrogen compounds and unsaturated 
compounds are hydroprocessed under typical operating 
conditions and catalyst for hydrodenitrogenation. Finally, 
different kinetic models for both olefin saturation and 
denitrogenation reactions are proposed and compared 
against the generated experimental data.   
 
2. Experimental section 

 
2.1. Catalyst and reactants  

 
A commercial NiMoP  in all the experiments. The 
theoretical catalyst composition by weight is: 10.7% Mo, 
2.5% Ni and 2.64% P while the reported  BET surface area 
is 164 m2 g-1 [7]. The catalyst pellets were crushed and 
sieved to get a particle size between 600 and 720 µm.  
Theolefins selected as model molecules were: synthesis 
grade 1-Hexadecene with a purity of ≥92 wt.% and 
unspecified impurities, technical grade 1-Octadecene with a 
purity of ≥90% and 2-octyl-1-decene, n-octadecane, 2-
butyl-1-tetradecene, 2-hexyl dodecene as impurities of 
unspecified composition. The selected nitrogenated 
heterocompound was synthesis grade quinoline with a purity 
of ≥97 wt.%. As solvent a mixture of C9-C14 paraffins 
commercially called Halpasol was used. The GC/FID 
analysis of this solvent yielded the following composition in 
wt.%: 0.15% n-nonane, 7.71% n-decane, 33.29% n-
undecane, 22.00% n-dodecane, 36.49% tridecane and 0.46% 
tetradecane.  DMDS was used as a sulfiding agent for the 
catalyst activation procedure and to keep a sulfur 
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environment in the system and keep the catalyst in the active 
sulfided state during all the experimental campaign.  
 

1.1. Equipment 
 
All the experiments were performed in a Robinson-
Mahoney reactor, a gradient-less three phase continuously 
stirred tank reactor (CSTR) which makes it ideal for 
studying the hydroprocessing of petroleum fractions such as 
light gas oil (LGO) and VGO.. A simplified block diagram 
of the set-up is shown in Figure 2.   

 
Figure 2 General mass balance scheme of the set-up 

Initially the reactor is fed with a liquid feed (LF) and 
hydrogen (H2) while the product stream is sent to a cyclone 
where the main liquid product Lp1 is separated. The gas 
stream (Gp) exiting the cyclone is mixed with the internal 
standard ‘methane’ in the mixer and is partially sent to the 
GC for online analysis. The total gas effluent from the mixer 
enters the condenser where any condensable hydrocarbon is 
recovered (Lp2). H3PO4 and NaOH aqueous solutions were 
used to neutralize NH3 and H2S respectively in the scrubbing 
section after the condenser.  
The set-up is equipped with a gas chromatograph Trace 
1310 from Thermo Scientific. The GC has three detectors, 
two TCDs and one FID. The FID detector is attached to a 
detailed hydrocarbon analysis (DHA) column of dimensions 
100m x 0.25mm and a liquid injector module and uses 
helium as carrier gas. The Front TCD is attached to a RT-
Volamine column of dimensions 30m x 0.32mm and also 
uses helium as carries gas. The Aux TCD is attached to a 
Molsieve 5A, 60-80 of dimensions 3m x 1/16 SS and a 
Hayesep Q, 60-80 of dimensions 1m x 1/16 SS and uses 
argon as carrier gas. 
 

1.2. Data acquisition and parameter estimation 
 
The catalyst activation process was performed based on the 
procedure proposed by Ancheyta [8]  and it is, in general,  
divided into three steps: drying, soaking and sulfiding. The 
drying consist of using hot hydrogen to remove any trace of 
water from the catalyst pores that can expand at high 
temperatures and mechanically affect the catalyst. The 
soaking with a hydrocarbon mixture is made to ensure that 

the entire catalyst surface is in touch with the liquid phase. 
The sulfiding step is made to ensure that the molybdenum 
oxide transforms to molybdenum sulphide which is the 
active phase of the catalyst for hydrotraeating. For this a 
sulfiding feed consisting of a mixture of Halpasol (98%) and 
DMDS (3%) was used. It was left to sulphide for 150 min. 
Afterwards, the temperature was increased to 310°C and 
maintained for 194 min at 20 bar.  
The composition of the feed was chosen assuming a 58 wt.% 
olefin content in PPO, a mixture of 80 wt.% VGO and 20 
wt.% PPO, a total nitrogen content of 1 wt.% and a 
H2S/Nitrogenated hetero-compounds ratio of 0.2 mol mol-1 

[9]. Consequently, the LF composition in wt. % was 0.12% 
n-nonane, 6.02% n-decane, 25.99% n-undecane, 17.18% n-
dodecane, 28.41% n-tridecane, 0.36% n-tetradecane, 9.23% 
quinoline, 6.01% hexadecene, 6.02% octadecene and 0.67% 
DMDS.  
 
The investigated range of experimental operating conditions 
is shown in Table 1 at fixed H2/HC ratio of 890 Nm3 m-3.  
The total amount of experiments amounted to 16. After 1 h 
stabilization of the reactor, liquid samples were taken at a 30 
min time frame.  
Table 1 Experimental operating conditions 

OPERATING CONDITION VALUE 

TEMPERATURE 300-317-334-350°C 

PRESSURE 90 bar 

LHSV 0.4-0.7-1 h-1 

LIQUID FEED FLOW 1-1.75-2.5 ml min-1 

H2 FLOW 53.4-90.45-133.5 NL h-1 

 
The experimental conversions of quinoline, hexadecene and 
octadecene were calculated considering that the reactions 
take place in the completely wetted catalyst [10]. As a 
consequence, the fraction of liquid reactant that vaporize is 
excluded from participating in the reaction. Therefore, given 
a molar feed rate LF,i, the molar rate that is in contact with 
the catalyst is LF,i-LP2,i where LP2,i is the molar flow that is 
condensed from the product gas stream GP. Consequently, 
the conversion of the olefins is defined in Eq. 1.   

𝑋𝑋𝑖𝑖 =
𝐿𝐿𝐹𝐹,𝑖𝑖 − 𝐿𝐿𝑃𝑃1,𝑖𝑖 − 𝐿𝐿𝑃𝑃2,𝑖𝑖

𝐿𝐿𝐹𝐹,𝑖𝑖 − 𝐿𝐿𝑃𝑃2,𝑖𝑖
 1 

The conversion of the products is calculated according to 
Eq. 2.  
 

𝑋𝑋𝑖𝑖 =
𝐿𝐿𝑃𝑃1,𝑖𝑖 + 𝐿𝐿𝑃𝑃2,𝑖𝑖

𝐿𝐿𝐹𝐹,𝑖𝑖 − 𝐿𝐿𝑃𝑃2,𝑖𝑖
 2 

Experimental production rates/rate of disappearance Ri, is 
calculated dividing the conversion Xi by the space time. Due 
to the assumption made for the calculation of the conversion 
space time is defined as the mass of the catalyst W divided 
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by the molar flow rate that is in contact with the catalyst 
[10]. Consequently, the experimental production rates Ri 
were calculated according to Eq. 3 where LF,j-LP2,j is the 
molar rate of the olefin or quinoline that is in contact with 
the catalyst 

𝑅𝑅𝑖𝑖 =
𝑋𝑋𝑖𝑖
𝑊𝑊

𝐿𝐿𝐹𝐹,𝑗𝑗 − 𝐿𝐿𝑃𝑃2,𝑗𝑗

 3 

The experimental selectivity of the products of the 
hydrodenitrogenation of Quinoline were calculated 
according to Eq. 4. where Si is the selectivity with reference 
to Quinoline, LP1,i is the molar flow of compound “’' in the 
liquid product, LF,Q is the molar flow of Quinoline in the 
liquid feed, LP1,Q is the unreacted Quinoline in the liquid 
product and LP2,Q is the unreacted Quinoline in the 
condensed gas product.  

𝑆𝑆𝑖𝑖 =
𝐿𝐿𝑃𝑃1,𝑖𝑖 + 𝐿𝐿𝑃𝑃2,𝑖𝑖

𝐿𝐿𝐹𝐹,𝑄𝑄 − 𝐿𝐿𝑃𝑃1,𝑄𝑄 − 𝐿𝐿𝑃𝑃2,𝑄𝑄
 4 

Athena visual studio was used to estimate the model 
parameters by minimizing the objective function shown in 
Eq. 5 employing a non-linear least square algorithm. 
 

𝑆𝑆𝑆𝑆𝑆𝑆 = � � �𝑅𝑅𝑖𝑖,𝑗𝑗 − 𝑅𝑅𝚤𝚤,𝚥𝚥� �2 → 𝑀𝑀𝑀𝑀𝑀𝑀
nresp

j=1

𝑛𝑛𝑛𝑛𝑛𝑛

𝑖𝑖=1

 5 

3. Experimental results and kinetic model 
 

3.1. Olefin saturation 
 
Olefin conversion results are shown in Figure 3.  At a LHSV 
of 1 h-1 the olefins conversion ranged between 72% and 95% 
for hexadecene while for octadecene varied between 74% 
and 96%. The lowest conversion was observedat 300°C 
while the highest conversion was  
 

 
Figure 3 Olefin Conversion as a function of LHSV 

observed at 350°C. As the reaction temperature increased, 
the olefin conversion increased as expected. In Figure 3 it 
can also be observed that temperature has a strong effect on 
olefin conversion with respect to LHSV. These trends are in 
agreement with the work of Xin, et al. [11] where 
temperatures in a range of (100-300°C) and pressures in the 
range of (14-28 bar) were used to hydrogenate C7 olefins. In 
the work of Xin, 100% conversion  is achieved at 300°C, 21 
bar, and an LHSV of 1.5 h-1 . Since in this work conversions 
between 72% and 75% were obtained at 300°C for C16 and 
C18 n-olefins the comparison with the work of Xie suggest 
that the hydrogenation of olefins is negatively correlated 
with the chain length of the olefin. From Figire 3 can also be 
observed that the temperature specific contribution  to 
olefins conversion is less pronounced at  lower LHSV 
values. At a LHSV = 0.4 1 h-1 the lowest conversion was 
91% at 300°C while the highest conversion was 97% at 
350°C. At 0.7 h-1 the lowest conversion was 89% at 300°C 
while at the highest conversion was 99% at 350°C. The 
increase in the conversion as the LHSV decreases is due to 
higher retention times of the olefin inside the reactor [11]. 
An optimal conversion of 99.1% was obtained at 350°C and 
LHSV = 0.7 h-1.  
 
The total olefin content in the hydrotreated product (LP1 + 
LP2) at a LHSV of 1 h-1 decreased from a maximal value of 
3.5 wt.% at 300°C to a minimal value 0.57 wt.% at 350°C 
from an initial total olefin content of 12 wt.%. These results 
are also in agreement with the other work of Xin, et al [12]. 
The olefin content of a light fraction of a thermally 
processed bitumen decreased from 6 wt.% in the feed to 0.5 
wt.% in the hydrotreated product at 300°C. From these 
results it can be inferred that in order to obtain near full 
olefins saturation conversion with carbon of 16 or higher at 
industrially relevant space velocities temperatures of 350°C 
or higher are needed. At LHSV of 0.4 and 0.7 h-1, the olefin 
content in the hydrotreated product was observed to be 
between 0.18 wt.% and 0.53% at temperatures of 334°C and 
350°C. At LHSV=1 h-1 the olefin content in the product 
varied from 3.5 wt.% at 300°C to 0.57% at 350°C It is worth 
saying, that working at too low LHSV may present 
productivity issues that might affect the economics of the 
process rendering the process not viable.  Olefin content in 
PPO ranges from C10 to C20 [13] and since PPO can be 
separated into light and heavy fractions, the choice of 
operating conditions in a PPO/VGO mixture if the objective 
is to saturate the olefins of the mixture will depend on the 
amount of PPO added to the mixture and carbon range of the 
PPO fraction. Adding lighter PPO fractions to VGO will 
need less severe conditions than adding heavy PPO 
fractions. Another important factor is the source in the PPO. 
The composition of the pyrolysis product will depend on the 
composition of the plastic feed stream of the pyrolysis 
process [14]. Knowledge of the composition of the PPO 
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added to the VGO becomes a prerequisite if conventional 
hydrocracking is to be desired.  
 

3.2. Quinoline hydrodenitrogenation 
 
Quinoline conversion varied only between 95.1% and 
96.2%  for all the studied experimental conditions. These 
results are in agreement with the results obtained by Luan et 
al. [15]  and Tu et al [16] in a batch reactor at 350°C and 30 
bar using a NiMo catalyst. The temperature seems to have a 
low influence on quinoline conversion because at 
temperature above the ones used in this work; conversions 
only rise until 98% [15]. The effect of temperature on 
product selectivities is more pronounced as shown in Figure 
4. For every studied LHSV conditions the principal product 
was 1,4THQ. For every studied temperature, the selectivity 
towards this product decreased from 93.9% at 300°C to 
76.2% at 350°C at 1 h-1.  LHSV does not appear to have a 
strong effect on quinoline conversion as conversions varied 
between 95.1% and 97.9% at 0.4 h-1 and 0.7 h-1 but it does 
have a strong effect on 1,4THQ selectivity. At 0.4 h-1, 
14THQ selectivity decreased from 84.1% to 59.6%.  
Other major products were OPA and PCHA in which the 
selectivities increased from 1.9% and 2.3% at 300°C to 6.4% 
and 8.0% at 350°C respectively at a LHSV of 1 h-1. As the 
LHSV decreased, the selectivity towards these intermediates 
increased to 10.0% and 10.9% at 350°C and 0.4 h-1.  Minor 
intermediate products were 58THQ and DHQ whose 
selectivities increased from 0.2% and 0.4% at 300°C to 2.4% 
and 1.6% at 350°C at 1 h-1 respectively. LHSV doesn’t have 
a strong effect on the selectivity of those minor 
intermediates. The detected denitrogenated products were 
PCH and PB with selectivities that increased from 0.1% and 
0.2% at 300°C to 3.6% and 1.4% at 350°C respectively. 
LHSV does have a strong effect on PCH and PB 
selectivities. At 0.4 h-1 there was an increase from 2.2% and 
1.0% at 300°C to 10.9% and 4.0% at 350°C. PCHE was not 
detected in none of the experimental runs. It is possible that 
PCHE was eluting at the same retention time as PB or that it 
is easily hydrogenated into PCH.  The results show that 
14THQ is the main product of quinoline HDN, this is in 
accord with the results of Tian, et al. [17], Luan, et al. [15], 
Nguyen, et al. [18] and Tu, et al. [16]. Since quinoline 
conversion is independent of temperature at the tested 
temperature range, it can be deduced that it is easily 
hydrogenated into 14THQ while hydrogenation of 14THQ 
is a more difficult reaction. The hydrogenation of the hetero-
cyclic aromatic ring is the prefer path towards quinoline 
HDN as the production 58THQ is much lower than that of 
14THQ. Once 14THQ is produced, the HDN can take two 
different pathways. One pathway (PW1) is the subsequent 
hydrogenation of the benzene ring to form DHQ which then 
undergoes ring opening through Csp3-N cleavage to form 
PCHA. Finally, the C-N is broken to form PCH releasing 
NH3. The other pathway (PW2) according to the results is 
the direct hydrogenolysis of 14THQ to form OPA which is 

then either hydrogenated into PCHA or it can go into direct 
Csp2-N bond cleavage to form PB releasing NH3. According 
to the selectivity analysis as a function of temperature, PW1 
is the prefer path towards quinoline HDN as the temperature 
increases. The PCH to PB ratio increases from 0.43 at 300°C 
to 2.60 at 350°C. Due to the high production of 14THQ, it 
can be deduced that the slowest steps from PW1 and PW2 
are the benzene ring hydrogenation to DHQ and the direct 
hydrogenolysis to OPA respectively. DHQ and PCH shows 
lower selectivities than PCHA which means that ring 
opening is faster step than C-N cleavage however, DHQ is 
also being consumed in the equilibrium reaction with 
58THQ as shown by the increase in selectivity of 58THQ. 
Since quinoline conversion is not changing with 
temperature, it means that the other only possible pathway 
towards 58THQ formation is that as temperature increases 
the equilibrium shifts to the left and hence 58THQ is 
formed. OPA selectivity is lower is than PCHA selectivity 
which means that either ring opening of 14THQ is more 
difficult than the benzene ring hydrogenation or that as 
temperature increases more OPA is being consumed 
towards PCHA.  
Despite the high quinoline conversion, the total nitrogen 
conversion is low as shown in Figure 4. However, 
temperature have a strong effect on nitrogen conversion. 
There is an exponential increase from 0.25% at 300°C to 
4.8% at 350°C at a LHSV of 1 h-1 and a maximal nitrogen 
conversion of 15.1% at 350°C and 0.4 h-1. These results are 
much lower than those presented by Luan, et al. [15]. 
According to the authors, at a space time of 1.12 min which 
means a LHSV of 0.018 h-1, at 350°C there is a nitrogen 
conversion of around 70%. It is worth noticing that the 
strong effect of temperature is also evidenced. Yet, the 
operating conditions and the catalyst (NiW) were different. 
Ferdous, et al. [19] hydrorteated a heavy gas oil containing 
0.3% nitrogen at operating conditions similar to the ones 
tested in this work. At 356°C, 94 bar and a LHSV of 0.8 h-1, 
they obtained a 49.3% nitrogen conversion which is a value 
much higher than the one obtained at similar conditions in 
this work. While the operating conditions were similar, the 
catalyst used was a NiMoB catalyst and the feed was a 
complex mixture which does not contains olefins. As a 
result, the feed contains a mixture of basic and non-basic 
nitrogen containing hetero-compounds. As explained in the 
selectivity analysis, HDN follows sequential hydrogenation, 
ring opening and denitrogenation. As a consequence, the 
presence of olefins in the feed may affect the hydrogenation 
of the intermediate HDN products due to competitive effects 
and/or hydrogen availability. Since hydrogenation of the 
benzene ring of a heterocyclic compound is a fundamental 
pathway for nitrogen removal, olefin presence may inhibit 
this step and consequently decreasing the total nitrogen 
conversion.  
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Figure 4 Quinoline conversion and close  products selectivity as a function of temperature. 14THQ=1,2,3,4 tetrahydroquinoline, 58THQ= 5,6,7,8 
tetrahydroquinoline, OPA=orto-propylaniline, DHQ=decahydroquinoline, PCHA= propyl-cyclohexylamine, PB=propylbenzene. A: LHSV=1, B: 

LHSV=0.7, C: LHSV=0.4 

  
3.3. Kinetic Model 

 
3.3.1. Olefin saturation kinetic model 

 
Two different kinetic models for the olefin hydrogenation 
were proposed. Both of them are based on the studies of 
Thybaut, et al. [20] and Mattson, et al. [21]. As both of these 
studies are based on the Horiuti-Polanyi mechanism the 
difference between the proposed models are on the 
assumptions made. The proposed reaction mechanism for 
the first kinetic model on olefin hydrogenation (OHKM1). 
The assumptions made on this reaction mechanism are as 
follow:  
• H2 dissociative chemisorption and olefin reactant 

chemisorb at identical sites (competitive chemisorption)  
• First (OHKM1) or second (OHKM2) hydrogenation 

step is the rate-limiting step and irreversible 
• Other surface reactions are at a quasi-equilibrated state 
• Alkane desorption is very fast, chemisorbed species 

coverage is negligible 
 
OHKM1 is shown in Eq. 6 while OHKM2 is shown in 
Eq. 7.  

𝑟𝑟𝑂𝑂𝑂𝑂𝑂𝑂𝑂𝑂1 =
𝑘𝑘1�𝐶𝐶𝑂𝑂2𝐾𝐾𝑂𝑂2𝛩𝛩𝑇𝑇

2𝐾𝐾𝑂𝑂𝑂𝑂2
2𝐶𝐶𝑂𝑂2𝐾𝐾𝑂𝑂2𝐾𝐾𝑂𝑂𝐶𝐶𝑂𝑂

�𝐾𝐾𝑂𝑂𝑂𝑂(𝐶𝐶𝑂𝑂𝐾𝐾𝑂𝑂 + 1)�𝐶𝐶𝑂𝑂2𝐾𝐾𝑂𝑂2 + 𝐶𝐶𝑂𝑂2𝐾𝐾𝑂𝑂2𝐾𝐾𝑂𝑂𝑂𝑂 + 𝐾𝐾𝑂𝑂𝑂𝑂2𝐶𝐶𝑂𝑂𝑂𝑂2�
2 6 

 
𝑟𝑟𝑂𝑂𝑂𝑂𝑂𝑂𝑂𝑂2 =  

k1𝐾𝐾𝑂𝑂2CH2Θ𝑇𝑇
2𝐾𝐾𝑂𝑂CO𝐾𝐾𝑂𝑂𝑂𝑂

�𝐾𝐾𝑂𝑂CO𝐾𝐾𝑂𝑂𝑂𝑂�𝐾𝐾𝑂𝑂2CH2 + 𝐾𝐾𝑂𝑂CO + �𝐾𝐾𝑂𝑂2CH2 + 1�
2 7 

3.3.2. Quinoline hydrodenitrogenation kinetic 
model 

A kinetic model for the quinoline HDN is proposed based 
on the reaction scheme shown in Figure 5. The assumptions 
and mechanisms of this model are based on the work of 
Nguyen, et al. [18].  The assumptions are as follow: 
• Coverages of H2S and NH3 are negligible 
• Same active site for hydrogenation and C-N cleavage 
• Surface reactions are rate limiting steps 
• No consideration on solvent adsorption 
• Generalized Langmuir-Hinshelwood formalism to  

To express the coverage of the relevant species 
 

Consequently, the reaction rate for the reactions shown in 
Figure 5 is described in Eq. 8   

ri =
kiKiCiC𝑂𝑂2

�1 + ∑ KjCjn
j=1 �2

 8 
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As a result, 58 parameters must be estimated which is 
too high for so few experiments. By assuming that 
consumption rates of hexadecene and octadecene are 
equal and simplifying the reaction scheme in Figure 5 
by lumping 58THQ, 14THQ and DHQ into one pseudo-
compound (HYDROG), OPA and PCHA into another 
pseudo-compound (RO), PB and PCH into another 
pseudo-compound (HC)  and assuming that quinoline 
hydrodenitrogenation occurs in sequential and 
irreversible hydrogenation, ring opening and 
denitrogenation steps, it was possible to reduce the total 
number of parameters to 24. 
 

 
Figure 5 Proposed quinoline hydrodenitrogenation reaction scheme 

The results of the parameter estimation for the two proposed 
model for olefin saturation are shown in Table 2. Activation 
energies for both models are around 20000 kmol kJ-1 with 
an estimated rate constant ktm at the average temperature 
Tm of 598.15K of 0.8 kmol m-3 h-1 and 4.1 kmol m-3 h-1 for 
OHKM1 and OHKM2 respectively however no t-value was 
estimated for ktm in both models. For OHKM2, only the Ea 
was statistically significant and the adsorption constant at 
Tm of the first hydrogenation step. OHKM1 estimated that 
the Ea, adsorption enthalpies of H2, olefin, the chemisorbed 
alkane, the adsorption constants at Tm of hydrogen and 
olefin are statistically significant. Figure 6 shows the parity 
plots for OHKM1 (Top) and OHKM2 (Bottom). Neither of 
the models achieve an accurate prediction of the 
consumption rates of olefins. However, OKHM1 has a better 
performance than OHKM2 as evidenced by their F-values 
of 81 and 20 respectively but are low values for both models. 
The difficulty to predict the consumption rate may be due to 
the low number of experiments and to the fact that the 
operating conditions achieved high conversions on all 
experiments.   
 
Table 2 Olefin saturation parameter estimation results 

 OHKM1 OHKM2 

Parameter Value t-value 95% CI Value t-value 95% CI 

ktm (kmol kgcat
-1 h-1) 0.8 n.e. n.e. 4.1 n.e. n.e. 

Ea (kmol kJ-1) 20420.6 34.4 10260.0 19464.8 47.6 409.3 

AtmH2 (m3 kmol-1) 367.7 n.e. n.e. 1773.8 n.e. n.e. 

ΔH2 (kmol kJ-1) -369415.0 -2.7 1313.0 -943.5 n.e. n.e. 

AtmO (m3 kmol-1) 311.6 3.5 195.8 0.1 n.e. n.e. 

ΔHO (kmol kJ-1) -39666.5 -2.5 17780.0 -36.5 n.e. n.e. 

AtmOH (m3 kmol-1) 53.0 n.e. n.e. 134.7 5.5 134.7 

ΔHOH (m3 kmol-1) -28675.0 n.e. n.e. -29.1 n.e. n.e. 

AtmOH2 (kmol m-3) 134.4 n.e. n.e. n.a. n.a. n.a. 

ΔHOH2 (m3 kmol-1) -42106.5 -3.2 29190.0 n.a. n.a. n.a. 

 
 

 
Figure 6 Parity plots for olefin saturation. Top: OHKM1, Bottom: 

OHKM2 

Table 3 shows the parameter estimation for the quinoline 
hydrodenitrogenation model. No activation energy for 
quinoline hydrogenation was estimated. This was probably 
due to the fact that as shown in the experimental results, the 
quinoline conversion was constant independent of the 
temperature. The adsorption constant at Tm and adsorption 
enthalpy of quinoline was found to be not statistically 
significant as well as the adsorption enthalpy of the 
HYDROG pseudo-compounds. Activation energies from 
reaction 2 and 3 which are the ring opening of the HYDROG 
pseudo-compound and the denitrogenation reactions were 
found to be lower than the value presented by Nguyen, et al.  
[18]. The values of the rate constants are in the same order 
of magnitude however the values of the adsorption constants 
at Tm are 3 order of magnitude higher than those presented 
by Nguyen, et al [18] while the adsorption enthalpy of Q is 
1 order of magnitude lower and the adsorption enthalpy of 
HYDROG was negligible. Adsorption enthalpies for RO 
and HC are in the same order of magnitude. 
 
The parity plots (Figures 7 and 8) show that the model 
cannot predict accurately the consumption/production rates 
evidenced by a low F-value of 210. The low number of 
experiments, the limited operating conditions tested, 
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experimental errors and the simplification made on the 
reaction scheme contribute to the failure of the mode. More 
experiments at less and more severe conditions are needed 
in order to observe the accurate behaviour of quinoline 
consumption and hydrocarbon production as a function of 
temperature. Lumping the intermediates and final products 
into pseudo-compounds may also not had been the best way 
to reduce the number of parameters. Maybe by equalling 
reaction constants of similar reactions would have been a 
better strategy.  

 
 
Table 3 Parameter estimation for quinoline hydrodenitrogenation 

Parameter Value t-value 95% CI 

ktm1 (kmol kgcat-1 h-1) 186.36 3.15 118.70 
Ea1 (kmol kJ1) 0.00 n.e. n.e. 

ktm2 (kmol kgcat-1 h-1) 53.89 1.91 36.62 
Ea2 (kmol kJ1) 51550.32 2.27 8118.00 

ktm3 (kmol kgcat-1 h-1) 5.48 2.72 15.20 
Ea3 (kmol kJ1) 92126.54 2.44 41590.00 

AtmQ (m3 kmol-1) 100000.00 n.e. n.e. 
ΔHQ (kmol kJ1) -1345.75 n.e. n.e. 

AtmHYDROG (m3 kmol-1) 1880.46 2.30 2901.00 
ΔHHYDROG (kmol kJ1) 0.00 n.e. n.e. 

AtmRO (m3 kmol-1) 26701.64 5.19 10320.00 
ΔHRO (kmol kJ1) -34678.36 -2.27 30630.00 

AtmHC (m3 kmol-1) 36306.15 3.46 21020.00 
ΔHHC (kmol kJ1) -80256.40 -2.44 65960.00 

 
 

 
Figure 7 Parity plots for quinoline and HYDROG pseudo-compund 

 
 

 
Figure 8 Parity plots for RO and HC pseudo-compundd 

 
4. Conclusion 
At the tested operating conditions, high but not full olefin 
conversions were obtained. There was no difference  
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between the conversions of the selected olefins. High 
temperatures and low LHSV favor the conversion of olefins. 
Deep hydrodenitrogenation was not successfully achieved. 
Conditions more severe than the limits of the set-up are 
needed or not industrially relevant LHSV as low LHSV and  
high temperature favors the denitrogenation process. 
However, from the experimental results can be concluded 
that the quinoline hydrodenitrogenation follows a sequential 
hydrogenation, ring opening and denitrogenation process. 
The most difficult reaction appears to be the ring opening of 
14THQ. The results of the kinetic modelling, while not 
successful are inconclusive as there were too few 
experiments at operating conditions that didn’t allowed the 
best data for kinetic analysis.  
 
The experimental results are relevant to understanding the 
hydrotreating and hydrocracking of mixtures of VGO and 
PPO. Not negligible amounts of olefins and low nitrogen 
conversions are obtained at typical hydrotreating operating 
conditions.  Consequently, feeding a mixture of VGO and 
PPO which was hydrotreated at typical operating conditions 
to a hydrocracking unit may have a negative effect on a 
standard hydrocracking process. It is important to keep 
researching on how mixing VGO with PPO affects 
hydrotreating at typical operating conditions. 
Unconventional nitrogen hetero-compounds such as nitriles 
are present in PPO, thus understanding the 
hydrodenitrigenation of nitriles is of relevance as well as 
oxygenated hetero-compounds which are not usually found 
in VGO. Model compounds offer a simpler way to 
understanding reaction mechanisms that can be used in 
simulation models. The effect of combined aromatic and 
olefin saturation must also be researched as well as 
combined with hydrodesulphurization and 
hydrodenitrogenation. Understanding these effects becomes 
a necessity in order to maximize the paraffin yield in the 
hydrocracking process as well as avoid catalyst deactivation. 
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Sustainability reflection 
Plastic contamination of the biospheres, especially on the oceans and by extension to the marine life 

is an increasingly concerning problem due to the possible health effects on the long run to the human 

beings. But plastics are a fundamental part of our modern way of life, they are used from everyday 

items such as packaging applications to speciality applications such as in the exploration of the solar 

system. Eliminating plastics from our way of life is just not an option because there are no other 

materials available which provides such versatility in their mechanical, chemical and electrical 

properties apart from the possible economic and social consequences that eliminating the plastic 

industry would have on the world’s nations.  

 

The solution to the plastic contamination is to recycle the plastic and bring it into a context of circular 

economy. Plastic recycling brings many political, logistical, economic and social challenges but most 

pressingly are the technical challenges to plastic recycling. Actually, there is no process available which 

can effectively recycle all of the plastic wastes that are produced. Mechanical recycling, while the 

simpler method on paper is not an option of plastic recycling massification due to the limitations that 

this method has as during the physical transformations that the plastic undergoes the plastic changes 

its properties. This leaves chemical recycling as the best option for plastic recycling massification. 

Depolimerization is conceptually the best option as bringing down the polymer to their respective 

monomers and back to polymers again sounds the perfect idea. But there are limitations to this 

method which prevents it from recycling all plastic wastes. First, not all polymers can be effectively 

depolimerized. For example, polyethylene and polypropylene which are the most produced polymers 

cannot be depolimerized with a high yield due to the mechanisms in which the polymer is cracked into 

smaller molecules. Second, depolimerizing a stream of mixtures of different polymers is not possible 

so a completely new logistical chain would need to be built in order to separate the mixture of 

polymers. Gasification for electricity production or syngas production is a viable option from a technical 

point of view but there are economic challenges to overcome. Besides, gasification cannot be brought 

into a circular economy context. Pyrolysis is the most versatile option available but the pyrolysis oil 

produced from the plastic does not have much value by itself such as a conventional oil source. Both 

are complex mixtures of hydrocarbons which need to be treated in order to produce a valuable product 

from it. Most importantly, all the infrastructure needed to process these complex mixtures of 

hydrocarbons already exists as oil fractions from conventional sources are processed every day in the 

many refineries around the world. Conceptually, it would be possible to incorporate the plastic 

pyrolysis oil to already proven oil refining processes such as hydrocracking. One option would be to 

mix a conventional hydrocracking feed such as vacuum gas oil with plastic pyrolysis. That mixture can 



 

 

be then hydrocracked to produce a highly paraffinic product which then can be steam cracked to 

produce ethylene and propylene who can be polymerized to produce plastic. Under this configuration 

the production and consumption loop is closed.  

 

While conceptually possible, this configuration also presents many challenges to overcome. While both 

vacuum gas oil and plastic pyrolysis oil are complex mixtures of hydrocarbons, their compositions are 

fundamentally different. Vacuum gas oil does not contain olefins while in plastic pyrolysis oil from 

plastic mixtures olefins are an important constituent. The effect of the presence of olefins in 

hydrocracking is not well known. Nitrogen content in plastic pyrolysis can be significantly higher than 

in vacuum gas oil due to the presence of polymers which contain nitrogen such as polyamides or due 

to the different additives and colorants added in the polymerization process. Nitrogen is known to 

contaminate the hydrocracking catalyst. A hydrotreating unit before the hydrocracking unit becomes 

a necessity in order to remove the nitrogen from the mixture and to hydrogenate the olefins so the 

hydrocracking process can be done without modifications. Yet, literature on olefin hydrogenation is 

very limited because as previously stated conventional oil fractions do not contain olefins. While 

literature un nitrogenated hetero-compounds hydrodenitrogenation is abundant, the literature on 

combined olefin saturation and hydrodenitrogenation is inexistent. Consequently, the possible effects 

that such reactions can have on conventional hydrotreating is not known.  

 

As a result, the study of combined olefin saturation and hydrodenitrogenation is brought into 

relevance. Experimental studies are needed in order to determine if at typical operating conditions and 

catalyst the olefins can be fully saturated and bring down the nitrogen content to acceptable levels. 

Kinetic studies are needed in order to better understand the processes so accurate simulations on this 

process can be performed. The experimental results of this study show that at typical hydrotreating 

operating condition and catalyst near but not full olefin saturation is achieved while no deep 

hydrodenitrogenation was possible. Apparently, olefin saturation does have an effect on 

hydrodenitrogenation as nitrogen conversions much lower than those presented in the literature were 

obtained. The kinetic results were inconclusive as there were too few experiments and at operating 

conditions which were not the best for kinetic studies.  Further studying of combined olefin saturation 

and hydrodenitrogenation is important to make massification of plastic recycling a reality in the 

context of a circular economy.        
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1. Introduction 
 
Plastics are used in a wide range of industrial processes, from packaging applications to automotive or 

electronics parts production, due to the versatility of their mechanical properties. As a result, the global 

consumption of plastics has grown from 1.5 Mt in 1950 to 359 Mt in 2018 [1]. A major issue associated 

with plastics production is its end-of-life management. Some plastics could have a long service life, up 

to 50 years as in aerospace applications, while others have a service life that range from a few days to 

a few months, such as in packaging applications. Since packaging has a share of 40% in the end use 

market of plastics in Europe [2], it represents a big environmental problem. It is estimated that from 4 

to 12 Mt/y of waste plastics end up in the ocean [3]. The effects of this situation on marine life and, in 

consequence, on the human being is of increasing concern.  

 

The solution to the adverse effects that the irresponsible deposition of plastics has on the wildlife and 

human life requires an effective strategy for plastic wastes recycling. For this is necessary to overcome 

the challenges that post-consumer plastics recycling involves such as: the uncertainty of the material 

to be processed in terms of variability of the polymers composition of the mixture, the degree of 

contamination with other substances or additives, and the existence of materials different to polymers. 

Consequently, currently in Europe only around 30% of post-consumer plastics are effectively being 

recycled, 40% are burnt using the flue gas for heat recovery and the rest is landfilled [2]. This situation 

is even less favourable in not fully developed regions. As an example, in South America, the plastics 

waste recycling ratio is less than 20% [4].   

 

From a general point of view, plastics recycling can be achieved using two methods: mechanical and 

chemical. A schematic representation of the different methods for plastics recycling is shown in Figure 

1. Mechanical recycling is a process where a plastic stream is reduced in size, melt, and reshaped to 

produce a new final product [5]. A big disadvantage of this method is that with each recycling cycle a 

lower quality product is produced until it has no practical use [6]. Chemical recycling refers to the use 

of a chemical process to convert the plastic waste weather into simpler compounds such as the 

‘constituents’ monomer of the polymer, or an oil like hydrocarbon stream that can be used as 

feedstock in the refining/petrochemical industry [5].  
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Figure 1 Paths for plastic recycling 

 

There are different commercial technologies pointing towards the chemical recycling concept. Among 

the commercial technologies applying chemical recycling via conversion it is worthy to mention a 

technology developed by BASF called ChemCyclingTM where a pyrolysis process is used to produce a 

pyrolysis oil which can be used as a feedstock in the conventional value chain of crude oil [7]. In 

addition, Anallotech developed the Plas-TCatTM process where through a catalytic process any mixed 

plastic stream, including composite plastics, can be converted into valuable chemicals [8]. A similar 

process is described in the patent US9200207B2 submitted by Huang, et al. where it is claimed that a 

liquid hydrocarbon fuel can be produced by reacting a waste plastic stream with a metal hydride using 

a supported catalyst [9]. Regarding chemical recycling via polymerization depending on the plastic to 

be treated different techniques are applied. Polyethylene terephthalate (PET) can be depolymerized 

by treating it with methanol at relatively high temperatures (180 - 290 C) and pressures (20 – 40 atm) 

which yields up to 90% DMT and EG as main products  [10]. Another technique is applied for 

Polystyrene (PS) that can be thermally depolymerized into styrene (ST) in a catalytic fluidized bed using 

magnesium aluminium silicate [11]. In case of polyolefin depolymerization is not possible because the 

degradation of the plastic as a consequence of the C-C random scission [10]. Finally polyvinyl chloride 

(PVC) is degraded at temperatures higher than 280 C and yields a gaseous chlorine which, apart from 

being harmful, produces damages in the employed equipment and contaminate catalysts. For this 

reasons, mechanical recycling is considered a better route for polyolefins and PVC [12].  These 

technological proposals indicate that from an industrial point of view the mixed plastics chemical 

recycling is currently focused on the production of a valuable hydrocarbon stream. Since each polymer 

needs a specific process to be depolymerized, this strategy is less flexible to process mixed plastics.  

 

 Figure 2 shows a global scheme of chemical recycling that integrates traditional 

refining/petrochemical units such as hydrocracking and steam cracking with thermal pyrolysis. In this 

configuration the plastic waste is initially processed via thermal pyrolysis to obtain some stream rich 
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in hydrocarbon compounds called plastic pyrolysis oil (PPO). Thermal pyrolysis is a process in which 

organic matter is thermally degraded in the absence of oxygen producing  [13] a gas-liquid hydrocarbon 

mixture. The kinetics of the thermal degradation during pyrolysis is still a matter of study and 

discussion as the mechanisms involved in thermal degradation are overly complex. The compounds 

that normally constitute a PPO produced from plastic waste are a complex hydrocarbon mixture 

containing paraffins, naphthenes, olefins and aromatics from a carbon range distribution between 3 

and more than 50 carbon atoms. A high content of nitrogen hetero compounds are also found in that 

streams which should be removed to avoid an inhibition effect in the hydrocracking catalyst [14].  

 
Figure 2 Schematic representation of a closed looping chemical recycling integrating steam cracking and 

hydroprocessing (hydrotreatment and hydrocracking) 

The PPO produced in thermal pyrolysis can be feed to a steam cracking unit whose main duty is to 

produce ethylene and propylene, key building blocks that serve as feed for polymerization processes 

to produce polyethylene (PE) and polypropylene (PP). High yields of ethylene and propylene can be 

produced in a steam cracker with highly saturated feedstocks, especially rich in paraffins while 

aromatic ring produces fuel oil and tar [15]. Since the content of olefins and aromatics in a PPO is 

normally high, a pre-conditioning of this type of feed could significantly improve the yields towards 

ethylene and propylene [15]. An alternative option to directly feed the PPO to the steam cracker, is to 

mix it with vacuum gas oil (VGO) and feed into a hydrocracking unit [16][17] under normal operating 

conditions. With this configuration it is possible either to produce fuels in a typical configuration for a 

hydrocracking unit or to produce a synthetic feed for a steam cracker. This last option allows to 

adequate the PPO by maximizing the yield of saturated compounds, specially paraffins and iso paraffins 

[18] making the hydrocracked product a better suited feed for steam cracking. Under this alternative 

not only the production-consumption loop of plastics is closed, as in the first case, but also a gain in 

flexibility and yield maximization of the desired products is also expected.  
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A hydrotreating unit previous to the hydrocracking unit becomes a necessity in order to remove 

nitrogen compounds to avoid inhibition of the hydrocracking catalyst. If PPO is co-fed to the 

hydrocracking unit, the composition of the combined stream will contain olefins. Since virgin 

petroleum fractions do not contain olefins, literature on kinetics of olefin saturation combined with 

hydrodenitrogenation is very limited. The aim of this thesis is to perform an experimental study that 

allow to get a deeper understanding about the combined saturation of olefins and 

hydrodenitrogenation in scenarios of high concentration of olefins. For this purpose, a combination of 

model molecules for nitrogenated compounds and unsaturated compounds are hydroprocessed under 

typical operating conditions and catalyst for hydrodenitrogenation. Finally, different kinetic models for 

both olefin saturation and denitrogenation reactions are proposed and compared against the 

generated experimental data.   

 

2. Theoretical Background 

2.1. Thermal Pyrolysis of waste plastics  
 
Thermal pyrolysis of plastic waste is a process where the plastic is converted to an oil-like stream via a 

complex network of chemical reactions that involve the cracking of long polymer molecules  into 

simpler ones. This is a non-catalytic process that takes places at temperatures     above 400°C and in 

the absence of oxygen   [19]. This process is a suitable option for  recycling  polymers that are difficult 

to depolymerize or  mechanically recycle such as mixtures of PE/PP/PS, polyolefins, multi-layered 

packaging and fibre-reinforced composites [5]. The major products obtained from plastic pyrolysis are 

a gas stream rich in light hydrocarbons, a liquid product called plastic pyrolysis oil and a solid product 

called char [20]. Figure 3  shows  a process flow diagram (PFD) of a typical plastic pyrolysis plant with 

a vortex reactor. The gas product can be used as fuel for heat generation, the plastic pyrolysis oil can 

be distilled into different high value products such as a light oil, jet fuel and diesel while the char can 

be treated as a waste or be further transformed into a valuable carbon material.  
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Figure 3 PFD of a typical plastic pyrolysis plant using a vortex reactor [5] 

Depending on the desired product, thermal pyrolysis can be classified as slow, fast or flash. Slow 

pyrolysis is performed at temperatures ranging from 350°C to 550°C with heating rates from 1°C min-1 

to 10°C min-1, as a result the vapour has a longer residence time, and the major product is char [21]. 

Fast pyrolysis is performed at temperatures ranges from 500°C to 700°C while the heating rate is above 

1000°C min-1 [22]. This process promotes plastic pyrolysis oil formation with yields  up to 90%  [23]. 

Flash pyrolysis of plastics is performed at temperatures above 700°C with residence times of 

milliseconds, favouring the formation of non-condensable vapours [24]. At temperatures rounding 

1000°C gas yields for the pyrolysis of LDPE can reach up to 99%  with monomer yields of 48% [25].   

 

As  mentioned before, reaction kinetics of thermal pyrolysis of plastics is very complex  but it is 

generally accepted as a free radicals mechanism comprising the stages of initiation, propagation and 

termination [14]. For the thermal cracking of HDPE, the initiation reactions involve the homolytic 

rupture of a C-C bond, forming radicals via either end chain scission (Eq.1) or random scission (Eq.2)  

[26].  

~𝐶𝐶𝐶𝐶2 − 𝐶𝐶𝐶𝐶𝐶𝐶 − 𝐶𝐶𝐶𝐶2 − 𝐶𝐶𝐶𝐶𝐶𝐶 → ~𝐶𝐶𝐶𝐶2 − �̇�𝐶𝐶𝐶𝐶𝐶 +  �̇�𝐶𝐶𝐶2 − 𝐶𝐶𝐶𝐶2𝐶𝐶 1 

 
~𝐶𝐶𝐶𝐶2 − 𝐶𝐶𝐶𝐶𝐶𝐶 − 𝐶𝐶𝐶𝐶2 − 𝐶𝐶𝐶𝐶𝐶𝐶~ → ~𝐶𝐶𝐶𝐶2 − �̇�𝐶𝐶𝐶𝐶𝐶 +  �̇�𝐶𝐶𝐶2 − 𝐶𝐶𝐶𝐶2𝐶𝐶~ 2 
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Propagation reactions are done by hydrogen chain transfer reactions, which can be intramolecular or 

intermolecular and β-cleavage. Intramolecular hydrogen chain transfer reactions form an olefinic 

species as shown in Eq.3 [27].  

 

~𝐶𝐶𝐶𝐶2 − 𝐶𝐶𝐶𝐶𝐶𝐶 − 𝐶𝐶𝐶𝐶2 − 𝐶𝐶𝐶𝐶𝐶𝐶 − �̇�𝐶𝐶𝐶2 → ~�̇�𝐶𝐶𝐶2 − 𝐶𝐶𝐶𝐶𝐶𝐶 = 𝐶𝐶𝐶𝐶 − 𝐶𝐶𝐶𝐶𝐶𝐶 − 𝐶𝐶𝐶𝐶3 3 

 
Intermolecular hydrogen chain transfer can lead to either an olefinic species as shown in Eq.4 or a 

secondary radical can also be formed from hydrogen abstraction through a reaction between a primary 

radical and a polymeric fragment (Eq.5) [27].   

 

~𝐶𝐶𝐶𝐶2 − �̇�𝐶𝐶𝐶𝐶𝐶 +  ~𝐶𝐶𝐶𝐶2 − 𝐶𝐶𝐶𝐶𝐶𝐶 − 𝐶𝐶𝐶𝐶2 − 𝐶𝐶𝐶𝐶𝐶𝐶 − 𝐶𝐶𝐶𝐶2~ 

                                                              → ~𝐶𝐶𝐶𝐶2 − 𝐶𝐶𝐶𝐶2𝐶𝐶 + ~𝐶𝐶𝐶𝐶2 − 𝐶𝐶𝐶𝐶𝐶𝐶 − 𝐶𝐶𝐶𝐶 = 𝐶𝐶𝐶𝐶𝐶𝐶 − �̇�𝐶𝐶𝐶2~  
4 

~𝐶𝐶𝐶𝐶2 − �̇�𝐶𝐶𝐶𝐶𝐶 +  ~𝐶𝐶𝐶𝐶2 − 𝐶𝐶𝐶𝐶𝐶𝐶 − 𝐶𝐶𝐶𝐶2~ → ~𝐶𝐶𝐶𝐶2 − 𝐶𝐶𝐶𝐶2𝐶𝐶 + ~𝐶𝐶𝐶𝐶2 − �̇�𝐶𝐶𝐶 − 𝐶𝐶𝐶𝐶2~ 5 

 
Cracking reactions proceed via β-cleavage of secondary radicals which leads to an end-chain olefinic 

group and a primary radical (Eq.6) [27].  

 

~𝐶𝐶𝐶𝐶𝐶𝐶 − 𝐶𝐶𝐶𝐶2 − �̇�𝐶𝐶𝐶 − 𝐶𝐶𝐶𝐶2~ → ~�̇�𝐶𝐶𝐶𝐶𝐶 +  𝐶𝐶𝐶𝐶2 = 𝐶𝐶𝐶𝐶 − 𝐶𝐶𝐶𝐶2~ 6 

 
Termination is done by the coupling of two primary radicals (Eq. 7) or by disproportionation of the 

primary macroradicals (Eq.8) [27]. 

~𝐶𝐶𝐶𝐶𝐶𝐶 − �̇�𝐶𝐶𝐶2 + �̇�𝐶𝐶𝐶𝐶𝐶 − 𝐶𝐶𝐶𝐶2~ → ~𝐶𝐶𝐶𝐶𝐶𝐶 − 𝐶𝐶𝐶𝐶2 − 𝐶𝐶𝐶𝐶𝐶𝐶 − 𝐶𝐶𝐶𝐶2~ 7 

 

~𝐶𝐶𝐶𝐶2 − 𝐶𝐶𝐶𝐶𝐶𝐶 − �̇�𝐶𝐶𝐶2 + 𝐶𝐶𝐶𝐶𝐶𝐶 − 𝐶𝐶𝐶𝐶2 − 𝐶𝐶𝐶𝐶2~ → ~𝐶𝐶𝐶𝐶2 − 𝐶𝐶𝐶𝐶𝐶𝐶 − 𝐶𝐶𝐶𝐶3 + 𝐶𝐶𝐶𝐶𝐶𝐶 = 𝐶𝐶𝐶𝐶 − 𝐶𝐶𝐶𝐶2~ 8 

Thermal pyrolysis of polyolefins yields a broad range of carbon number distribution along their 

products, from C5 to C80 composed mainly of dienes, paraffins and olefins [26]. Other polymers such as 

PTFE, PA, and PMMA can be fragmented through pyrolysis into products that are composed mostly on 

their respective monomer [5], [28]. The variability of the different products obtained in thermal 

pyrolysis of plastic waste depending on the composition of the inlet mixed solid plastic is one of the 

biggest challenges involved in this approach.   

 

2.1.1 PPO Composition  
 
Due to the reasons explained in section 2.1 the composition of a PPO is fundamentally different to the 

composition of VGO. As shown in Figure 4, a typical VGO composition comprises n and iso-paraffins, 
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mono, di, tri and tetra  aromatics as well as mono, di, tri, and tetra naphthenic compounds. Olefins are 

compounds that do does not appear in the composition of VGO [29].   

  
Figure 4 Typical VGO composition [29] 

It is important to notice that the composition distribution of the different classes can vary between 

different VGOs. As the VGO is derived from a heavy fraction of atmospheric distillation, the 

composition of the VGO is also dependent on the crude oil composition which is dependent on the 

origin of the crude oil but what remains constant is the different classes of compounds that are present 

in the VGO [30]. 

 

A PPO produced of unspecified plastic composition and unspecified pyrolysis operating conditions was 

analysed using GCxGC by Thi, et al. and its composition is shown in Figure 4. From this Figure it can be 

observed that the main group of compounds present in this PPO are α-olefins (37 wt%), diolefins 4 

wt% [31]and  a carbon distribution between 9 and 21 carbon atoms. The composition of this PPO 

differs from the composition of the VGO shown in Figure 4 with regard to the distribution by family of 

compounds while the carbon number distribution is skewed more to the left .     
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Figure 5 PPO composition of unspecified plastic origin [31] 

 

Onwudili, et al. studied composition of PPO from LDPE and PS via GC/FID. For the pyrolysis of LDPE, 

the experiments were performed at temperatures from 425°C to 500°C and pressures from 1.60MPa 

to 6.31MPa being the results are shown in Table 1. Olefins are 13 wt% ot the mixture. The decrease in 

the olefin content with increase of the temperature can be attributed to the dehydrogenation of 

olefins to aromatics which is favoured by temperature increase [32]. In the same study, the pyrolysis 

of PS was performed at temperatures of 400°C to 500°C being the results  shown in Table 2. It is shown 

that when PPO is produced from PS, a liquid product composed only of aromatic compounds are 

produced.  

 
Table 1 Pyrolized LDPE, PPO compound classes composition [33] 

 OPERATING CONDITIONS 

TEMPERATURE (°C) 425 450 500 

PRESSURE (MPA) 1.60 2.45 4.31 

COMPOUND CLASSES  

NAPHTENES 2,69 5.56 1.50 

ALKANES 46.2 31.7 17.8 

ALKENES 12.4 13.1 3.58 

AROMATICS 12.0 22.9 68.0 

UNKNOWNS 19.1 17.9 Nd 
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Table 2 Pyrolized PS, PPO compound composition [33] 

 OPERATING CONDITIONS 

TEMPERATURE (°C) 400 500 

PRESSURE (MPA) 1.14 1.60 

COMPUNDS   

BENZENE 0.38 1.63 

TOLUENE 21.7 28.4 

ETHYLBENZENE 32.6 36.6 

STYRENE 1.09 0.61 

CUMENE 10.2 9.60 

PROPYLBENZENE 0.6 1.29 

METHYLSTYRENE 1.37 0.55 

DIPHENYLMETHANE 0.91 1.61 

1,2-DIPHENYLETHANE 1.44 0.37 

PHENYLNAPHTALENE 0.98 1.25 

1,2-DIPHENYLBENZENE 1.27 1.89 

TRIPHENYLBENZENE 6.30 3.18 

 

Pinto, et. al. studied the effect of plastic waste composition on pyrolysis products. The experiments 

were carried at 430°C and 3.5MPa. The results from Figure 6 show that the increase in PE content, 

increase the alkane content to around 70%, olefin content was a little more than 20% while aromatic 

content stayed just below 10% for pure PE. These results coincide with the results shown in Table 1. 

By increasing the PP content, the content of olefins is increased to more than 30% when pure PP is 

used while the aromatic content stays in the same range as when pure PE was used. When pure PS 

was used, the aromatic content increased to more than 90% which is also in agreement with the results 

shown in Table 2.  

Jia, et. Al. studied the catalytic pyrolysis of PET at temperatures of 450°C and 600°C via NMR and FT-

IR. Aromatic and aliphatic hydrocarbons are the main constituents of the PPO with 60 wt% and 20 wt% 

respectively, however carbonyls are also an important constituent of PET derived PPO with 15 wt% as 

it is shown in Figure 7 . Aromatics ethers were also detected with a proportion close to 5 wt%.    
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Figure 6 PE, PP, and PS derived PPO compound classes composition in % v/v [34] 

 

 
Figure 7 PPO composition of PET [35] 

Kusenberg et al., [36] studied the composition of three different plastic wastes: rigid PP, mixed 

polyolefins (MPO) and PE films. The results are shown in Figure 8. PP rigids produce mostly isoolefins 

and diolefins with 62.7 wt. % and 19.5 wt. %. PE films produce mostly n-paraffins and α-olefins with 

34.4 wt. % and 25.5 wt. % respectively while the MPO are somewhere in the middle. 
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Figure 8 PPO composition of PP rigids, MPO rigids and PE films [36] 

 

By comparing the results from Figure 5,  Figure 6, Figure 7, Figure 8, Table 1 and Table 2, it can be 

deduced that PPO composition is highly dependent on the composition of the plastic feed to the 

pyrolysis unit. PE produces mostly alkanes but also olefins, PP produces mostly olefins but also alkanes, 

PS produces aromatics and PET produces mostly aromatics but also carbonyls. Consequently, 

hydrogenation of olefins is of special interest to this thesis.   

 

2.2 Hydrotreating   
 
Hydrotreating is a process designed to decrease the content of principally but not limited to, sulphur, 

nitrogen, olefins and aromatics from an oil fraction by reacting the oil fraction with hydrogen. 

Industrially it is used for the treatment of light oil fractions such as naphta for further processing in 

catalytic reformer units, for the treatment of heavier oil fractions like VGO to meet product 

specifications and/or to prepare the fraction for the use as a feed in subsequent units such as 

Hydrocracking units and to increase the quality of atmospheric and vacuum residues removing sulphur 

and organometallic compounds [16].  

 

2.2.1 History 
  
The history of hydrotreating processes start with the conversion of bituminous coal to a liquid product 

using hydriodic acid (HI) in 1869. In 1897 it was discovered by Sabatier and Senderens that unsaturated 

hydrocarbons could be hydrogenated using a Ni-based catalyst [37]. Three years later it was discovered 
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by Ipatieff that the range of possible hydrogenation reactions could be extended by using high 

hydrogen pressures [38]. Both of this discoveries combined with the rise of the automobile industry 

drove a rapid increase in the research on hydroconversion processes which lead to the first industrial 

plant for the hydrogenation of brown coal in 1927 in Leuna, Germany. Imposed mostly by military 

motivations there was an expansion of hydrogenation plants in the years before WW2 as western 

Europe does not have inland oil wells. During the war, Germany largely depended on hydrogenation 

processes to produce fuel for their war machine. In 1944, 3.5 million tons of fuel were produced using 

this technology. Outside of Europe there was little interest on hydrogenation processes as low-cost 

hydrogen sources was not a possibility [39]. During the 1950s, with the rise of catalytic reforming, 

hydrogen became a more accessible compound which lead to an increase in the interest on upgrading 

low quality petroleum. By 2020, the global capacity of hydrotreater units was 56921 Mbpd and is 

expected to reach 68438 Mbpd by 2025 [40].  

 

2.2.2 Applications relevant to this work 
 

2.2.2.1 Hydrodenitrogenation (HDN) 
 
HDN of oil fractions is an application that is becoming more important with time due to the fact that 

hydrotreating units feeds usually contain less nitrogen than sulphur [41]. Since nitrogen is mostly found 

on the heaviest fractions of petroleum and the heavier the more complex the nitrogen-containing 

molecule is [39], there has been a rise in the interest on HDN due to the need of increasing the quality 

of low-quality oil fractions and the use of alternative hydrocarbon sources such as biomass. There is 

also an environmentally related interest in HDN as stricter legislations on fuels are being implemented 

across the world [42]. Hydrocracked products such as Diesel, when they are combusted release SOx 

and NOx gases into the atmosphere causing acid rain [43].  

 

In general, oil fractions contain less than 1 wt % of N with the lightest fractions containing less than 

0.25 wt % of N [44], while total nitrogen content in VGO can range from 467 ppm to 3136 ppm and 

basic nitrogen content from 140ppm to 920ppm depending on how heavy is the fraction [45] and up 

to 70% conversion can be achieve [46]. Parulkar et al. [47] studied the HDN of a VGO with 997ppm of 

nitrogen achieving 94% conversion over a typical hydrotreating catalyst at 370°C and 159bar and values 

as low as 12.2ppm of nitrogen in hydrotreated VGO under typical conditions and catalyst have being 

reported [48] which is below the threshold of 100ppm content of nitrogen in steam cracking feeds [36].  

HDS usually reaches higher conversions because it is easier to remove and consumes less hydrogen 

than HDN and as result HDN is done under more severe conditions, e.g. higher hydrogen partial 
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pressures than HDS [44]. This is due to the fundamental differences between the mechanisms of HDS 

and HDN. In HDS, the sulphur is removed first and the intermediate molecule is then saturated while 

in HDN, the molecule which are usually five or six carbons aromatic ring structures, is first saturated 

and then the nitrogen is removed [39]. Typically, HDN comprises three stages: aromatic hydrogenation, 

hydrogenolysis and hydrodenitrogenation as shown in Eq. 9-11 respectively for the pyridine HDN [46].  
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From easiest to hardest to remove, the typical nitrogen containing compounds found on oil fractions 

are listed. Pyridines, pyrroles, quinolines, indoles, benzoquinolines, carbazoles [16]. 

 

Nitrogen in oil fractions are mainly sourced to the well from where the original petroleum was 

extracted but nitrogen in PPO can be traced to different sources. Nitrogen in PPO can be traced to a 

specific polymer, such as in the polyamides family of polymers. Multi-layered polyolefins for packaging 

applications usually contain nylon in one of their layers [49]. Some plastics have additives that contain 

nitrogen, one of them is HALS (hindered amine light stabilizer) which act as a stabilizer for the polymer 

[50]. A final source of nitrogen in PPO the colorants used in plastic production, many of them are 

nitrogen containing compounds such as  azoic pigments, phtalocyanine pigments, or several 

condensed heterocycles [51].  

 

Total nitrogen content in PPO is can be higher than in oil fractions due to the multi-source origin of the 

nitrogen in the PPO. It can range from 2 wt % [52] to 6.4 wt % [53]. A PPO from MPO which doesn’t 
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have any nitrogen-containing plastic can present 1144ppm of nitrogen [36]. These values are well 

above the allowed level of nitrogen in a steam cracking feed, however by diluting the PPO in VGO the 

hydrotreating unit should operate under more typical contents of nitrogen. While many of the 

nitrogen-containing compounds in PPO are the same as those found in oil fractions, there are some 

compounds such as nitriles and caprolactams which are not found in oil fractions [49], [53], [54].   

 

Consequently, it is of special interest to investigate the HDN of nitriles and caprolactams as HDN of 

nitrogen containing compounds typically found on oil fractions is well researched.  As model sample 

molecules, quinoline and indole are selected.  

 

2.2.2.1.1 Quinoline HDN 
 
Quinoline is a basic N-compound of industrial relevance as is commonly found on heavy oil fractions. 

It is also accepted that basic N-compounds gain a higher relevance than non-basic N-compounds as 

these compounds are easily hydrogenated into basic N-compounds [55].  

 

Nguyen, et al. [56] studied the HDN of quinoline over a NiMo(P)/Al2O3 catalyst in a batch reactor. The 

experiments were done at temperatures of 340-360°C, pressure of 7 MPa, quinolone concentration of 

1-2 wt. %  and hydrogen partial pressures of 3.2-3.3 MPa. The proposed reaction scheme is shown in 

Figure 9.  Due to the complexity of the reaction scheme other authors have work under assumptions 

of simplified schemes. Yang and Satterfield [57] worked with lumped compounds. The hydrocarbons 

PB, PCHE and PCH were lumped into one group, all of them with the same kinetic parameters. They 

also defined three groups with the same adsorption constant: the aromatic amines, the secondary 

amines and NH3.  

 



 

15 

 

 
Figure 9 Quinoline HDN reaction scheme. Q=quinolone, 14THQ=1,2,3,4 tetrahydroquinoline, 58THQ= 5,6,7,8 

tetrahydroquinoline, OPA=orto-propylaniline, DHQ=decahydroquinoline, PCHA= propyl-cyclohexylamine, 
PB=propylbenzene, PCHE=propylcyclohexene, PCH=propylcyclohexane [56] 

The results of Nguyen, et al. work [56] are shown in Figure 10. The evolution of the reactant, 

intermediate products and main products show that PCH is the main product while the hydrogenation 

of 14THQ into DHQ is the rate determine step and that traces of the intermediate and byproducts are 

present. They also proved that after 9 h, 95% HDN conversion is obtained at a load of 1 wt.% but it 

decreased to 83% when the load was 2 wt.%. Luan, et al. [58] studied the HDN of quinoline in a 

continuous fixed bed reactor over a NiW/Al2O3 catalyst at temperatures of 300-420°C and pressures of  

2-6 MPa. The results are shown in Figure 11. It is shown that temperature and pressure have an 

important effect on the denitrogenation conversion of quinolone while the hydrogenation is mostly 

affected by pressure. The results of the intermediate products are in agreement with the work of 

Nguyen, et al. [56] and Ancheyta, et al. [55]. It is proved that the preferred path of quinolone HDN is 

through the hydrogenation of 14THQ to DHQ.  The reactions between quinolone, 14THQ, 58THQ and 

DHQ happen so fast that it is assumed that they are in quasi-equilibrium, however it is easier the 

hydrogenate an aromatic ring than a nitrogenated ring, consequently 14THQ to DHQ is the rate 

determine step [59]. Tian, et. al., [60] studied the HDN of quinolone over a Ni2P catalyst at 340°C ad 40 

bars in a tubular reactor. The HDN conversion increased from 10% to 40% by increasing the weight 

time (g min mol-1). 14THQ was the main product while its concentration decreased from 70% to 40% 

by increasing the weight time.  
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Figure 10 Quinoline HDN at 350°C and 1 wt. % load [56] 

 
Figure 11 Hydrogenation and denitrogenation of quinoline as a function of temperature of pressure [58] 

2.2.2.1.2 Indole HDN 
 
Indole is a non-basic hetercyclic nitrogen compound which is commonly found on petroleum fractions. 

Around two-thirds of nitrogen in petroleum fractions is concentrated in five-membered heterocycles 

[61] but literature is more extensive on six-membered heterocycles.  
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There are several proposed reaction schemes of the HDN of indole on the literature varying in 

complexity between each other.  Kim and Massoth [62] as well as Zhang and Oskan [63] proposed the 

scheme shown in Figure 12. In this reaction scheme, Indole is rapidly hydrogenated into HIN which can 

be then converted according to two different paths. The benzene ring can be hydrogenated and OHIN 

is formed, or the C-N bond of the heterocycle is broken and OEA is formed. It was assumed that OHIN 

reacts very fast to form OECHA which then is denitrogenated into ECHE and ECH. The intermediate 

compound OEA can also be converted according to two different paths. The benzene ring can by 

hydrogenated forming OECHA or it con by directly denitrogenated into EB. Sabo Bello, et al. [64] 

proposed a modified version of the mechanism shown in Figure 12. As shown in Figure 13 the 

denitrogenation of OECHA is not done in series but in parallel to ECHE and ECH.  

 
Figure 12 Simplified Indole HDN reaction scheme. Ind = Indole, HIN = Indoline, OHIN = Octahydroindoline, OEA = 

Orthoethylaniline, OECHA = Ethylcyclohexilaniline, EB = Ethylbenzene, ECHE = Ethylcyclohexene, ECH = 
Ethylcyclohexane [62] 

 
Figure 13 Modified reaction scheme of the HDN of Indole [64] 
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The study of Zhang and Oskan [63] was done at temperatures of 200-400°C, constant pressure of 0.8 

MPa, hydrogen flow of 30-60 cm3(STP) min-1 in vapour phase at a fixed bed reactor using NiMo and Mo 

catalysts. Benzotiophene (BT) or H2S were used in order to provide a sulphur atmosphere. Reactant 

concentrations were 0.023-0.069% and balanced with H2. As shown in Figure 14, the conversion rate 

of indole increases with temperature but at high temperatures decreases in the presence of sulphur. 

The ECH/EB ratio decreases with temperature and the effect of the presence of sulphur is more 

significant at lower temperatures. It was also reported that at 320°C and 0.023% loading, near 100% 

indole conversion was obtained but decreased to around 50% when the loading was doubled.  

 

 
Figure 14 Indole Coversion rate vs temperature (left) and ECH/EB ratio vs temperature over a NiMo catalyst [63] 

The experiments of Kim and Massoth [62] were done at 613 K and 3.5 MPa at a fixed bed reactor under 

vapour phase atmosphere using NiMo and CoMo catalysts. The liquid feed consisted of 0.25-0.75 wt.% 

Indole, 1-4 wt.% DMDS and the balance n-heptane. Hydrogen partial pressure was maintained at 3.1 

MPa.  As shown in Figure 15, the major product is ECH while OCHA and ECHE are intermediates. It was 

also reported that the highest obtained Indole conversion ad HDN were 72.3% 55.3% respectively at a 

space time of 1.47.     
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Figure 15 Product distribution (mole fraction) vs space time (kg min m-3) at 0.25% Indole loading using a NiMo 
catalyst [62] 

Bunch, et al. [65] proposed a more complex reaction scheme as shown in Figure 16. The experiments 

were done at 200-400°C, 100-1000 psig in a fixed bed reactor using a NiMo catalyst. H2 flow was varied 

between 30-300 cm3(STP) min-1, H2S/H2 mole ratios of 0-0.0163 while no solvent was used. The results 

are shown in Figure 17. As temperature increases the conversion of Indole increases and the 

production rates of EB and ECH increase which is in accord with the previous studies, however in this 

study Indoline and OHI were detected as major products at temperatures lower than 320°C which were 

not detected in the previous studies. It can also be seen that the ECH/EB ratio increases in the presence 

of H2S which contradicts what’s reported on the study of Zhang and Oskan [63]. It was also reported 

that increasing pressure increases the production rate of all the intermediates and major products.    

 

 
Figure 16 Complex reaction scheme for Indole HDN. OHI = Octahydroindoline, OEA = Orthoethylaniline, OECHA 

= Ethylcyclohexilaniline, EB = Ethylbenzene, ECHE = Ethylcyclohexene, ECH = Ethylcyclohexane, DHOEA = 
Dihydro-o-ethylaniline [65] 
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Figure 17 Variation of Indole conversion and product formation rate with temperature at 1000 psig [65] 

2.2.2.1.3 HDN Kinetics  
 
It has been stated that HDN reactions are irreversible and follow the premise that for a reaction to 

occur on a surface the reactants must be adsorbed over that surface in reversible equilibrium [66]. The 

adsorbed reactants must then be subjected to some transformation which involves adsorbed 

intermediates as rate-limiting steps leading to product formation [67]. Since Langmuir-Hinshelwood 

type of kinetics are very complex to use in real industrial feeds due to the heterogeneity of the nitrogen 

heterocompounds and the large amount of coefficients, attempts has been made to use Power-Law 

type of kinetics in order to describe HDN kinetics. Reaction orders have been reported from 1 to 1.5 

with activation energies from 74 to 92 kJ mol-1 [67], [68] however Power-Law models are highly 

dependent on the experimental conditions on which the study was performed. Consequently, a study 

by Diaz, et al. [69] reported an activation energy of 208 kJ mol-1. Due to these reasons, attempts had 

been made on simplified Langmuir-Hinshelwood models. Botchwey, at al. [70] and Ferdous, et al. [67] 

used a generalized model which includes H2S inhibitory effects as shown in Eq. 12.  

𝑟𝑟𝑁𝑁 =
𝑘𝑘𝑁𝑁𝐾𝐾𝑁𝑁𝐾𝐾𝐻𝐻2𝑃𝑃𝐻𝐻2𝐶𝐶𝑁𝑁

1 + 𝐾𝐾𝑁𝑁𝐶𝐶𝑁𝑁 + 𝐾𝐾𝐻𝐻2𝑃𝑃𝐻𝐻2 + 𝐾𝐾𝐻𝐻2𝑆𝑆𝑏𝑏(𝐶𝐶𝑆𝑆0 − 𝐶𝐶𝑆𝑆𝑆𝑆)
 12 

Where rN is the HDN reaction rate, kN and CN are the reaction constant of the HDN reaction and 

nitrogenated species concentration respectively. KN, KH2 and KH2S are the adsorption constants for 

nitrogen, hydrogen and H2S. PH2 is the hydrogen partial pressure, b is a constant, CS0 and CSI are the feed 

and product concentration of sulphur. Activation energies of 193.5 kJ mol-1 were reported for basic 

nitrogen heterocompounds while 93.5 kJ mol-1 were reported for non-basic nitrogen 
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heterocompounds [70]. Ferdous, et al. [67] didn’t discriminated between basic and non-basic and 

reported a single activation energy of 110 kJ mol-1.  Yin, et al. [71] proposed a generalized kinetic model 

based on a simplified reaction scheme for carbazole HDN which is shown in Figure 18. Under this 

scheme, similar nitrogen heterocompounds are lumped into one parameter (N1) while the partially 

hydrogenated heterocompounds are lumped into another parameter (N2). The following assumptions 

are made: adsorption term of NH3 is negligible while the adsorption constant of N1 towards direct HDN 

is cero and hydrogenation and hydrogenolysis take place at different active sites. The resulting reaction 

rate equation is shown in Eq. 13. Activation energies of 98 kJ mol-1 and 130.8 kJ mol-1 were reported 

for k1 and k3.   

𝑟𝑟𝑁𝑁 = 𝑘𝑘1𝐶𝐶𝑁𝑁1𝑃𝑃𝐻𝐻2 +
𝑘𝑘3𝐶𝐶𝑁𝑁2𝑃𝑃𝐻𝐻2

�1 + 𝐾𝐾2𝐶𝐶𝑁𝑁1�
2 13 

 

 
Figure 18 Simplified reaction scheme of carbazole HDN [71] 

Nguyen, et al. [56] proposed a kinetic which doesn’t discriminate between active sites as according to 

the authors, well defined catalytic sites for hydrogenation and C-N cleavage may not be an appropriate 

solution because the mechanisms in which both reactions occurs over a sulphide catalyst are still under 

debate. During catalytic operation, the MoS2 edge undergoes constant change. Consequently, the 

consumption and creation of sulphur vacancies and the dissociative adsorption and release of 

hydrogen may transform hydrogenolysis sites into hydrogenation sites and vice-versa [56]. Other 

simplifying assumptions made for the development of the model are: 

• Adsorption constants of H2 and H2S are negligible 

• Volume of liquid and gas is constant during the reaction  

• No internal and external diffusion limitations  

• 1st order reactions  

• The concentration of H2 in the liquid phase is constant and equal to the equilibrium 

concentration  

• Liquid-Vapor mass transfer is represented by a linear driving force 
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• Surface reactions are the rate-limiting step 

• Competitive adsorption on the same catalytic sites between H2, nitrogenated 

compounds and solvents 

• System is saturated  

• Generalized Langmuir-Hinshelwood formalism to express the fractional occupation of 

an adsorbed species 

Considering these assumptions, the fractional occupation of a relevant adsorbed species is expressed 

in Eq. 14.  

Θi =
KiCi

1 + ∑ KjCjn
j=1

 14 

Where Ki, Kj, Ci and Cj are the adsorption constants and concentrations of species i and j. The global 

reaction rate for one of the adsorbed species (ri) is defined in Eq. 15. 

 

ri = kiΘiΘ𝐻𝐻2  15 

As the hydrogen concentration is assumed to be constant in the liquid phase and by replacing Eq. 14 

in Eq. 15 the reaction rate for any adsorbed compound is shown in Eq. 16.  

ri =
kiKiCiC𝐻𝐻2

�1 + ∑ KjCjn
j=1 �2

 16 

 

2.2.2.2 Olefin Saturation  
 
Olefin saturation is not an application of the highest importance for industrial relevance as petroleum 

fractions do not contain olefins, consequently is not expected that the VGO composition show olefins. 

Olefin saturation gains relevance at an industrial scale after the petroleum fraction undergoes thermal 

or catalytic units as olefins may be formed and from a health and operational point of view might be 

of interest to saturate the fraction. Fractions containing olefins are unstable and the formation of 

polymer gums is a possibility as the exothermic character of olefin saturation is higher than HDS and 

HDN [39].  

 

As explained in section 2.1.1, for this thesis, olefin saturation gains special relevance as depending on 

the plastic composition, the resultant PPO may contain a significant amount of olefin compounds in its 

composition. Consequently, saturation of these olefins is of   the utmost importance to achieve the 

aim of this thesis.   
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Xin, et. al. investigated the hydrotreatment of olefins in thermally processed Bitumen. In their first 

research they determined that the reactivity of the olefin molecule is largely influenced by the position 

of the double bond. The experiments were done by hydrotreating a simulated naphta. Upgraded 

commercial naphta derived from Bitumen was used a feed base. The simulated naphta was prepared 

by adding selected olefins. The hydrotreatment was done using a commercial NiMo/Al2O3 catalyst at 

temperatures of 100°C to 300°C, pressures from 1.4MPa to 2.8MPa, LHSV from 0.5 to 2.5 h-1 and H2/oil 

of 200 NL/L. By analysing the effect of temperature on olefin conversion it was possible to determine 

the reactivity of the selected olefins as illustrated in Figure 10. The selected diolefin was the most 

reactive olefin, followed by the two selected terminal olefins and the two olefins with internal double 

bonds. Lastly, the cycloalkene was the least reactive olefin. At 300°C all the selected olefins achieved 

complete conversion. Increments in pressure affects positively the olefin conversion as higher 

pressures favours the diffusion of hydrogen into the liquid phase, while LHSV affects negatively the 

olefin conversion because of lower retention times [72]. This results are also in agreement with the 

research of Badawi, et al. where they concluded that the reactivity of the olefin is also determined by 

the double bond position and molecule structure over the same catalyst [73].  It’s important to notice 

that the selected diolefin was hydrogenated at 150°C as they present an operational problem; they can 

polymerize under HDS and HDN conditions and at temperatures over 350°C the formation of gum is a 

certainty [74]. The possible reactions on olefin saturation are alkene terminal double bond saturation 

(Eq. 17), alkene internal double bond saturation (Eq. 18), cycloalkene internal double bon saturation 

(Eq.19) and double bond migration (Eq.20) [72]. 
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Figure 19 Effect of temperature on olefin conversion [72] 

In the second research of Xin, et.al., they hydrotreated a thermally processed Bitumen in the presence 

of a commercially NiMo/Al2O3 catalyst. Two feeds were prepared, a light fraction with IBP of 280°C and 

the whole thermally processed Bitumen. The light fraction was hydrotreated at temperatures from 

150°C to 300°, pressure of 3.5MPa, LHSV from 1 h-1 to 2 h-1 and H2/oil of 400 NL/L. The whole thermally 

processed Bitumen was hydrotreated at temperatures from 275°C to 325°, pressure of 3.5MPa, LHSV 

of 1.5 h-1 and H2/oil of 400 NL/L. The first result that stands out is that the olefins tended to concentrate 

on the light fraction. Olefin content on the light fraction was 6.30 wt %, while the whole thermally 

processed Bitumen had an olefin content of 1.78 wt %. As illustrated in Figure 11, at temperatures of 

150°C the olefin conversion was very low for the hydrotreated light fraction as the olefin content was 

just over 6 wt %.  As the temperature increased the olefin content diminished until it reached just 

under 0.5 wt % at 300°C which is a conversion of more than 90%. Similar results were obtained for the 

whole thermally processes Bitumen. LHSV affected negatively the olefin conversion. It is also important 

to mention that the hydrogen consumption increased considerably as the olefin content decreased. 

On the light fraction, at temperatures under 200°C the hydrogen consumption remained constant at 

80-90 scf/bbl. As  the temperature increased HDS, HDN and aromatic saturation also started to play a 

role in the hydrotreating process, reaching a hydrogen consumption of 500 scf/bbl at 300°C [75].        
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These results are in agreement with the previous work of Xin, et al. At low temperatures, the only 

olefins that were reacting were diolefins. As the temperature increased, terminal olefins and internal 

double bonds started reacting until at the highest temperatures the most complex olefins were 

hydrogenated.  

 
Figure 20 Effect of temperature on olefin content of the light fraction of thermally processed Bitumen [75] 

There is no abundant literature on olefins hydrotreating using metal sulphides catalysts such as NiMo 

or CoMo which ae the typical hydrotreating catalysts because as mentioned before olefin saturation is 

not of special interest for industrial application of hydrotreating.   

2.2.2.2.1 Olefin saturation kinetics 
 
Olefin saturation kinetics over a sulphide catalyst was not extensively found on the literature. Badawi, 

et al. [73] proposed an expression based on the Langmuir-Hinshelwood theory computed with a 

reaction mechanism which discriminates between two types of active sites, vacancy of a metallic atom 

(ϴMV) and sulphur anions (ϴS
-2). The reaction scheme is shown in Eq.20-23. Under this mechanism it is 

assumed a heterolytic dissociation of hydrogen into a hybride on a metal vacancy (ϴMH
-) and a proton 

on a sulphur anion (ϴS
-2

H
+), adsorption and desorption of H2S is negligible, adsorption and desorption 

of hydrogen and olefins are considered to be very fast and in equilibrium, adsorption of olefins is only 

considered on a metal vacancy, adsorption and desorption of the solvent and the saturated olefin is 

not considered  

CH2 + Θ𝑀𝑀𝑀𝑀 + Θ𝑆𝑆−2 ⇌ Θ𝑀𝑀𝐻𝐻− + Θ𝑆𝑆−2𝐻𝐻+ 20 

 

CO + Θ𝑀𝑀𝑀𝑀 ⇌  ΘMO 21 
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ΘMO + Θ𝐻𝐻− ⇌ Θ𝑀𝑀𝑂𝑂𝐻𝐻− + Θ𝑀𝑀𝑀𝑀 22 

 

Θ𝑀𝑀𝑂𝑂𝐻𝐻− + Θ𝑆𝑆−2𝐻𝐻+ → 𝐶𝐶𝑂𝑂𝐻𝐻2 +  Θ𝑀𝑀𝑀𝑀+ Θ𝑆𝑆−2 23 

 

Consequently, the reaction rate for olefin saturation is defined in Eq. 24.  

𝑟𝑟𝑜𝑜𝑜𝑜𝑜𝑜 = 𝑘𝑘𝛩𝛩𝑂𝑂𝐻𝐻𝑀𝑀Θ𝑆𝑆−2𝐻𝐻+ 24 

At low partial pressures of H2S the expression on Eq. 24 is converted into Eq. 25.  

𝑟𝑟𝑜𝑜𝑜𝑜𝑜𝑜 =
𝑘𝑘𝐶𝐶𝑂𝑂𝐾𝐾𝑂𝑂𝐻𝐻𝐾𝐾𝐻𝐻2𝐶𝐶𝐻𝐻2Θ𝑀𝑀𝑀𝑀𝛩𝛩𝑆𝑆𝑀𝑀−2

𝐶𝐶𝑂𝑂𝐾𝐾𝑂𝑂 + 1
 25 

Where k is the rate constant, KH2 and KOH are the adsorption constants for Eq. 20 and Eq. 22, CH2 and 

CO are the concentrations of hydrogen and the olefin, ϴST
-2 and ϴMT is the total concentrations for the 

sulphur anions sites and metal vacancy sites respectively.  

 

Mattson, et al. [76] proposed a reaction mechanism based on a Horiuti-Polanyi Mechanism on ethylene 

hydrogenation over a Pd/Al2O3 catalyst. The mechanism assumes that both hydrogen dissociation and 

olefin adsorption occur at the same sites and that the second hydrogenation (Eq. 29) is the rate-limiting 

step. The reaction mechanism is shown in Eq. 26-29.  

𝐶𝐶2(𝑔𝑔) + Pd(𝑠𝑠) ⇌ 2HPd 26 

 

C2H4(g) +  Pd(𝑠𝑠) ⇌  π − C2H4Pd 27 

 

π − C2H4Pd +  HPd ⇌ σ − C2H5Pd 28 

 

σ − C2H5Pd + HPd → C2H6(g) +  Pd(𝑠𝑠) 29 

In this mechanism, hydrogen dissociates and is bonded to palladium forming adsorbed hydrogen (Eq. 

26). Ethylene binds to the palladium surface via π-electron donation to a single palladium atom (Eq. 

27). On Eq. 28, a hydrogen atom forms a σ-bond with ethylene and the π-bond of ethylene with 

palladium is transformed into a σ-bond. Finally, the adsorbed σ-ethyl species undergoes an irreversible 

reductive elimination by addition of another adsorbed hydrogen [76]. No further development on 

kinetic modelling was done in this work but it is illustrative for further developments on olefin 

saturation kinetics.  
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Olefin hydrogenation kinetics may by analogue to aromatic hydrogenation kinetics. Thybaut, at el. [77] 

studied the hydrogenation kinetics of toluene over a Pt/ZSM-22 catalyst. The assumptions made on 

the reaction mechanism are as follows: 

• No rate-limiting step exists: The first four hydrogen atom additions are not in quasi-

equilibrium. Fifth and sixth H addition are.  

• Dissociative chemisorption of H2 and reactant are both chemisorbed on identical sites and 

are quasi-equilibrated.  

• Desorption of the fully hydrogenated product is fast and irreversible.  

• No dehydrogenated surface species are considered. 

The reaction mechanism based on those assumption is shown in Eq. 30-38.  

𝐶𝐶2(𝑔𝑔) + 2Θ ⇌ 2ΘH 30 

 

𝐴𝐴(𝑔𝑔) + Θ ⇌ ΘA 31 

 

ΘA + ΘH 
k1⇔ ΘAH +  Θ 32 

 

ΘAH + ΘH 
k2⇔ΘAH2 + Θ 33 

 

ΘAH2 + ΘH 
k3⇔ΘAH3 + Θ 34 

 

ΘAH3 + ΘH 
k4⇔ΘAH4 + Θ 35 

 

ΘAH4 + ΘH ⇌ ΘAH5 + Θ 36 

 

ΘAH5 + ΘH ⇌ ΘAH6 + Θ 37 

 

ΘAH6 → AH6(g) + Θ 38 

For finite values on the adsorption constants of Eq. 36 and Eq. 37 and under the assumptions 

mentioned before, the equilibrium of those reactions is shifted to the right. Consequently, the 

coverage of the chemisorbed hydrogenated species ϴAH4 and ϴAH5 is negligible [77]. As a result, the net 

rate of production of the full hydrogenated compounds is depicted in Eq. 39.  

RAH6(g) =  𝑘𝑘4ΘAH3ΘH 39 
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By applying pseudo-stationary state for the species ϴAH, ϴAH2 and ϴAH3, Eq. 39 becomes Eq. 40. 

  

RAH6(g) =  𝑘𝑘𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠
𝐵𝐵3𝐾𝐾𝐴𝐴𝑝𝑝𝐴𝐴�𝐾𝐾𝐻𝐻2𝑝𝑝𝐻𝐻2(𝐵𝐵3 + 𝐵𝐵2 + 𝐵𝐵 + 1)

�(𝐵𝐵3 + 𝐵𝐵2 + 𝐵𝐵 + 1)�1 + �𝐾𝐾𝐻𝐻2𝑝𝑝𝐻𝐻2� + 𝐾𝐾𝐴𝐴𝑝𝑝𝐴𝐴(4𝐵𝐵3 + 3𝐵𝐵2 + 2𝐵𝐵 + 1)�
2 40 

Where B=Ksurf�𝐾𝐾𝐻𝐻2𝑝𝑝𝐻𝐻2  and the surface reaction rates are assumed to be equal.  

2.2.3 Hydrotreating Catalyst 
 
The typical hydrotreating catalyst is made out of a metal sulphide of CoMo or NiMo supported on a 

high surface area carrier like γ-Alumina. Sulphide CoW and NiW have shown promised in deep HDS and 

aromatic hydrogenation with subsequent hydrocracking at low H2 partial pressures but they are 

expensive to produce and have lost industrial interest. Noble metals like Pd or Pt present a high 

hydrogenation activity but are prone to deactivation by sulphur compounds [78]. Typical compositions 

of hydrotreating catalysts are 1-4 wt. % of Ni or Co, 8-16 wt. % Mo and the balance for the support 

[79].  The activity of CoMo catalyst towards HDS is reported to be higher than NiMo catalysts [80] while 

the activity of NiMO catalysts towards HDN, HDO and olefin and aromatic saturation is reported to be 

higher than CoMo cataltsts [48].  

 

It is generally accepted that the activity of the catalyst is originated in the MoS2 bulk structure and that 

Ni or Co act as promoters that increases the activity of the catalyst due to high energies in the S-Mo 

bond that restricts adsorption of the reactants [78]. Consequently, the catalyst is produced and sold in 

an inactivated form because it lacks the sulphur atoms needed for the activity. The activation of the 

catalyst is done by reacting the inactivated form with a sulfiding agent. As shown in Figure 13, the 

sulfidation process involves the reduction of the metal oxides by reacting the Co/NiMo complex with 

H2S and as a result the sulphur replaces the oxygen and a reorganization on the catalyst surface occurs 

[81].  

 

 
Figure 21 Schematic representation of the sulfidation of a NiMo catalyst [81] 
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At an industrial level, H2S as a sulfiding agent is not used because of practical issues, instead 

organosulfides such as DMDS or polysolfides are used. Organosulfides are much easier to handle than 

H2S and the control of the process can be better by controlling the decomposition of the organosulfide 

as the sulphidation process is exothermic. If the exothermicity of the process is not controlled the 

reoxidation of the metal is a possibility [82]. Consequently, the temperature has to be carefully 

increase in order to activate the hydrotreating sulfide catalyst. On Figure 14 it is shown a standard 

activation procedure for a hydrotreating catalyst. Under a hydrogen atmosphere the catalyst is heated 

to 423K at 3K m-1. Once it reaches 423K, the sulfiding agent is injected and left in a plateau from 1 to 

4h in order to allow complete wetting of the catalyst [82]. Then, the temperature is increased at 3K 

min-1 until 623K in order to allow the sulfiding agent to decompose. It is left for 12h and finally the 

temperature is decreased to the HDS test at 563K.    

 
Figure 22 Standard activation procedure for a hydrotreating catalyst [82] 

Ancheyta [83] proposed an activation procedure which involves a drying, soaking, sulfuding and activity 

test stages. The procedure shown in Figure 23 starts with a first temperature ramp from ambient 

conditions to 120°C at 0.5 K min-1 and left at those conditions for 2 h in order to remove water 

contained in the catalyst pores. The soaking stage begins with injecting a liquid hydrocarbon feed and 

the temperature is increased to 150°C at 0.5 K min-1 and left there for 2 h. The sulfiding stage begins 

by injecting a sulfiding feed which contains DMDS accounting for 2% total sulphur [83] and the 

temperature is increased to 260°C at 0.5 K min-1 and left there for 3 h. Afterwards, the temperature is 

again increased to 320°C at 0.5 K min-1 and left for 5 h. Once the sulfiding stage is over, the activation 

test is done according to the conditions shown in Figure 23.  
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Figure 23 Alternative activation procedure for hydroreating catalyst [83] 

3. Materials and methods 
 
3.1 Set-up – Robinson Mahoney reactor 
 
The Robinson-Mahoney set-up or “Rob2” is the set-up that is going to be used for the experimentation. 

It was designed with the intention of studying reactions, testing catalyst and acquiring kinetic data with 

the possibility of operating at high pressures (up to 120 bar) and high temperatures (up to 350°C). It is 

a gradient-less three phase continuously stirred tank reactor (CSTR) which makes it ideal for the 

hydroprocessing of petroleum fractions such as light gas oil (LGO) and VGO. A schematic view of the 

reactor is shown in Figure 24. The impeller revolves around the central axis in order to ensure good 

mixing and avoid heat and concentrations gradients. There are two tubes used for housing two 

thermocouples. The external thermocouple measures wall conditions while the internal thermocouple 

measures reactor conditions. The catalyst basket is a double wall cylinder with square pattern holed-

wall which allows for the feed to flow toward the wall direction. Recirculation is formed in zones above 

and below the impeller; at high turbulent conditions it allows for good mixing and consequently 

uniform concentrations through the reactor ensured by sufficiently high mass transfer coefficient 

between the gas and liquid phases [84]. The reactor wall seals the reactor from the environment 

preventing the inlet of air into the reactor. The inlet lines of the liquid and gas feeds and the outlet line 
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of the product are not shown in Figure 24 which are important parts pf the reactor and will be 

explained in the following sections.    

 
Figure 24 Schematic representation of the Robinson-Mahoney reactor Vessel 

 The process and instrumentation diagram (P&ID) of the Rob2 is shown in Figure 25. The complete set-

up can be divided into three sections: feed, reaction and separation sections. The feeding section 

introduce the liquid and gas that are going to be feed into the reactor into the system and also preheat 

the liquid and gas streams. The reaction section comprises the reaction vessel as shown in Figure 24. 

The function of this section is self-evident. The separation section comprises all outlet lines from the 

reactor and the separation units. The function of this section is to separate the gas product from the 

liquid product. The liquid product is cooled down and collected in a vessel while the gas product is sent 

into the chromatograph for online analysis. After the chromatography analysis, the gas product is 

cooled down in a series of condensers where the condensable gases are collected in liquid phase while 

the non-condensable gases are vented way.    

 

3.1.1 Feeding section 
 
An overview of the feeding section of the set-up is shown in  Figure 26. The liquid feed is contained in 

a bottle which can be heated with heating mantle in case the feed can solidify at environmental 

conditions. The feed vessel is located on a balance in order to track the real feed flow consumption 

and can be easily tracked via the display on the left side of the feed bottle and through the graphical 
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user interface. The pump (PMP-01) is located at the right side of the feed bottle. The liquid feed flow 

is 
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Figure 25 P&ID Rob2



 

35 

 

controlled with a mass flow controller (CF-006) which works based on the principle of the “Coriolis 

effect”. The range of liquid feed flow possible is 0.01-10.00 ml min-1, however the graphical user 

interface allows entries on mass units (g min-1). Consequently, an estimation of the feed density is 

needed. The density of the mixture was estimated by an Aspen simulation and was found to be 0.742 

g ml-1. Based on this information it was possible to determine that the highest possible LHSV is 4 h-1 

which corresponds to 10 ml min-1 or 7.42 g min-1. The lowest possible LHSV was found to be 0.004 h-1 

which corresponds to 0.01 ml min-1 or 0.00742 g min-1. The H2, N2 and CH4 feed lines can be seen on 

the right side of Figure 26. The inlet gas flows are controlled by thermal mass flow controllers; 

controller CF-003 is used for high flows, up to 400 Nl h-1 while CF-002 is used for low to middle flows, 

up to 40 Nl h-1 of H2 and N2. CH4 flow is controlled by CF-001 and has an upper limit of 15 Nl h-1. N2 was 

used used for purging and drying purposes, CH4 was used for the analysis in the GC while H2 was used 

as a reactant.    

 

 
Figure 26 Overview of the feeding section 
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3.1.2 Reaction section 
 
A front view of the reaction is shown in Figure 27. The reactor itself cannot be seen in the picture as it 

is covered by a blue coffin which also covers the heating coils. The temperature control is done by 

regulating the power input to the heating coils. The temperature range allowed is 50-350°C. Pressure 

allowed in the reactor range from 30 bar to 120 bar and it is regulated by a back pressure regulator 

(BPR-001). The impeller motor is shown above the reactor and at the upper-left of the picture a reactor 

pressure indicator is shown. The liquid feed line enters the reactor at the top and is shown as the white 

line at the middle of the picture. The white colour of the liquid feed line is due to a heating coil that is 

wrapped around the feeding line in order to pre-heat it. The gas feed line also enters at the top of the 

reactor and can be seen left to the cooling water of the impeller motor. Left to the gas feed line there 

is a pressure relieve valve which opens at pressures higher than 120 bar. The Styrofoam covert units 

shown at the bottom of the reactor are already part of the separation section. The unit that is located 

at the middle of the picture is a drain system while the unit that is located at the down-right side of 

the picture is a cyclone which separates the gas and liquid products. The total volume, including 

catalyst basket and impeller is 250 ml, without the catalyst basket and impeller the volume was 

estimated to be 150 ml. The impeller speed is usually set at 1500 rpm in order to avoid gradients.   

 
Figure 27 Front view of the reaction section 
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3.1.3 Separation section 
 
The reaction products exit at the bottom of the reactor and enter a cyclone which separates the gas at 

the top and liquid at the bottom. The liquid product then goes into a vessel which has a level controller. 

Once the liquid reach a certain level it is flushed into a condenser and a collection burette and finally 

leading to a collection vessel which over a balance as can be seen on the bottom-left side of Figure 26.    

The gas product is first sent to a demister which removes entrained liquid droplets and then to a back 

pressure regulator (BPR-001) which decreases the pressure of the gas process stream to a pressure 

which is slightly higher than the atmospheric. Then the gas is sent to a mixer (MIX-001) seen as the 

white box in the middle of Figure 28 where the process stream can be mixed with CH4 which can be 

used as internal standard for GC analysis. A needle valve (NV-003) regulates the flow that goes into GC. 

A pressure of 0.2-0.4 is recommended at the inlet of the GC, this pressure can be adjusted by opening 

or closing NV-003. The gas that does not go into the GC is sent to a condenser (COND-001) which 

removes entrained liquid and/or condensable gases and collected at the bottle shown in centre-down 

of Figure 28. After COND-001, the gas passes through two scrubbers (SCR-01 and SCR-02) which 

neutralizes any harmful gases such as H2S and NH3 by reacting those gases with a H3PO4 solution to 

neutralize NH3 and a NaOH solution to neutralize H2S. Finally, the neutralized gas stream is vented 

away.  
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Figure 28 Front view of the separation section 

3.1.3.1 Analytic section  
 
The set-up is equipped with a gas chromatograph Trace 1310 from Thermo Scientific. The GC has three 

detectors, two TCDs and one FID. The FID detector is attached to a detailed hydrocarbon analysis (DHA) 

column of dimensions 100m x 0.25mm and a liquid injector module and uses helium as carrier gas. This 

detector is used to detect and quantify the hydrocarbons and hetero-compounds both in gas and liquid 

phase. The gas phase analysis is done in an online manner while the liquid phase analysis will be done 

in an offline manner. The Front TCD is attached to a RT-Volamine column of dimensions 30m x 0.32mm 

and also uses helium as carries gas. This detector is used to detect and quantify NH3 and H2S. The Aux 

TCD is attached to a Molsieve 5A, 60-80 of dimensions 3m x 1/16 SS and a Hayesep Q, 60-80 of 

dimensions 1m x 1/16 SS and uses argon as carrier gas. This detector will be used to detect and quantify 

hydrogen. All detectors are able to detect CH4 which was used as internal standard for the gas phase 

analysis. The normalized composition of any compound xi in wt.% is calculated according to Eq. 41.  

𝑥𝑥𝑖𝑖 =
𝐶𝐶𝐶𝐶𝑖𝑖𝑃𝑃𝐴𝐴𝑖𝑖

∑ CFjPAj
n
j=1

 41 
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Where CFi is the calibration factor of the compound and PAi is the peak area detected from the 

chromatogram. Experimental calibration factors of the FID detector were calculated using a calibration 

standard of known composition of the available compounds according to Eq. 42 [85].  

𝐶𝐶𝐶𝐶𝑖𝑖 =
𝑃𝑃𝐴𝐴𝑠𝑠𝑜𝑜𝑠𝑠𝑤𝑤𝑤𝑤𝑖𝑖
𝑃𝑃𝐴𝐴𝑖𝑖𝑤𝑤𝑤𝑤𝑠𝑠𝑜𝑜𝑠𝑠
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Where PAref is the peak area of a reference compound, PAi is the peak area from any compound, wtref 

is the composition of the reference compound in wt.% and wti is the composition of any compound in 

wt.%. The calibration factors of the FID detector for the compound not present in the calibration 

standard are calculated according to the correlations presented by Dierickx, et al. [85]. Calibration 

factors for the compounds detected on the TCDs are taken from the work of Dietz [86].  

 
3.2 Materials  
 
The selected olefins for the model samples were synthesis grade synthesis grade 1-Hexadecene with a 

purity of ≥92 wt.% and unspecified impurities. Technical grade with a purity of ≥90% 1-Octadecene and 

2-octyl-1-decene, n-octadecane, 2-butyl-1-tetradecene, 2-hexyl-1-dodecene as impurities of 

unspecified composition. The selected nitrogenated heterocompound was synthesis grade quinoline 

with a purity of ≥97 wt.%. As solvents, halpasol and n-Octadecane with a purity of ≥90 wt.% were 

selected. Halpasol is a mixture of C9-C14 paraffins. The GC/FID analysis of this solvent yielded the 

following composition in wt.%: 0.15% n-nonane, 7.71% n-decane, 33.29% n-undecane, 22.00% n-

dodecane, 36.49% tridecane and 0.46% tetradecane.  DMDS is used as a sulfiding agent for the catalyst 

activation procedure and for the experimental campaign. None of the chemicals were subjected to 

further purification processes. The suppliers and product numbers for the different chemicals used in 

the experimentation are listed in Table 3. 

Table 3 Suppliers and product numbers of the chemicals used in the experimental campaign 

CHEMICAL PHASE (25°C) SUPPLIER PRODUCT NUMBER 
1-HEXADECENE Liquid Sigma Aldrich 211-105-8 

1-OCTADECENE Liquid Sigma Aldrich 204-012-9 

QUINOLINE Liquid Sigma Aldrich 202-051-6 

HYDROGEN Gas L’Air Liquide I7005L50R2A001 

DMDS    

HALPASOL Liquid Haltermann GmbH AG190100TF 

 

A commercial NiMoP/Al2O3 catalyst (HR-348 from PROCATALYSE) was used. The catalyst composition 

by weight is as follows: 10.7% Mo, 2.5% Ni and 2.64% P with a BET surface area of 164 m2 g-1 [87]. The 

catalyst pellets were crushed and sieved to get a particle size between 600 and 720 µm.   
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3.3 Procedures  
 
3.3.1 Catalyst basket preparation 
 
The catalyst basket was prepared according to the scheme shown in Figure 29. The total height of the 

basket is 8 cm recommended a 1 cm height of catalyst bed in the middle of the basket. A 1.5 cm glass 

wool bed is located at the bottom of the basket which accounts for 4.15 g. Top of the glass wool bed, 

a 2 cm inert material (9.42 g) bed is located which brings the height to 3.5 cm. The inert material is 

porous alumina. Top of the inert bed is the catalyst bed. The mass of the catalyst is 2.58 g [46] and is 

mixed with 2.57 g of the inert material. Top of the catalyst bed is another 2 cm (9.99 g) bed of inert 

material. A final 1.5 cm bed (4.0 g) of glass wool is located at the top of the basket.   

 

 
Figure 29 Catalyst basket 

3.3.2 Catalyst activation 
 

As explained in section 2.2.3 the catalyst is received in the inactivated form and was activated by in-

situ sulfidation. The catalyst activation was performed based on the procedure shown in Figure 23 and 

is divided into drying, soaking and sulfiding procedures as shown in Figure 30. The reactor temperature 

was increased from ambient conditions to 200°C at 14 bar. The change made from the procedure from 

Ancheyta [83] was due to difficulties of the reactor to reach atmospheric pressures. Consequently, the 

temperature needed to be increased above the boiling point of water at 14 bar. The basket was left to 
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dried up for 67 min. The soaking was made at those same conditions but with the addition of a liquid 

feed of Halpasol at 6.66 ml min-1 and was left to soak for 68 min. Once the soaking was over, a sulfiding 

feed was added, the temperature increased to 260°C and the pressure to 28 bar. The liquid feed 

consisted of a mixture of Halpasol and DMDS accounting for a total of 2% sulphur in the mixture. Once 

it reached those conditions, it was left to sulphide for 150 min. Afterwards, the temperature was 

increased to 310°C and maintained for 194 min.  

 
Figure 30 Catalyst activation procedure scheme 

3.3.3 Activation test 
 
An activation test was done previous to the experimental campaign in order to verify that the catalyst 

was effectively activated. The activation test mixture composition is shown in Table 4. Halpasol was 

used as solvent, decene as the compound to verify the olefin hydrogenation activity, pyridine and 

indole to verify the HDN activity and DMDS to provide an atmosphere in the presence of sulphur. The 

amount of decene added to the activation test mixture was chosen assuming a PPO/VGO mixture of 

10% PPO and 90% VGO while the PPO olefin content is 58% in wt. %. The pyridine and indole content 

was chosen assuming 1% wt. of total nitrogen. DMDS content was chosen assuming a 

H2S/Nitrogenated hetero-compounds ratio of 0.2 mol mol-1 [46]. The operating conditions are shown 

in Figure 30. They were chosen according to Figure 23 which is the procedure proposed by Ancheyta 

[83]. The temperature was chosen to be 350°C as it is the maximal temperature of the reactor while 

the pressure was chosen as 90 bar to ensure HDN activity.   

Table 4 Activation test mixture composition 

COMPOUND COMPOSITION (WT. %) 
NONANE 0.13% 
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DECANE 6.65% 
UNDECANE 28.72% 
DODECANE 18.99% 
TRIDECANE 31.40% 

TETRADECANE 0.39% 
INDOLE 4.16% 

PYRIDINE 2.83% 
DECENE 6.04% 
DMDS 0.68% 

 

3.3.4 Experimental campaign  
 
The feed consisted of a mixture of paraffins, olefins and nitrogenated heterocompound. The paraffins 

chosen were Halpasol which composition is already described in section 3.2. The chosen olefins were 

Hexadecene and Octadecene. Those olefins were chosen as representation of possible heavy olefins 

present in PPO and assumed to be in 1:1 proportion in the PPO. As nitrogenated heterocompound, 

Quinoline was chosen because is a typical heterocompound found in VGO. It was decided not mix 

different heterocompouds in order to ease the analysis of the composition of products. DMDS was 

added in order to provide a sulfided atmosphere in the reactor which is closer to a real operation. The 

composition of the feed was chosen assuming a 58 wt.% olefin content in PPO, a mixture of 80 wt.% 

VGO and 20 wt.% PPO, a total nitrogen content of 1 wt.% and a H2S/Nitrogenated hetero-compounds 

ratio of 0.2 mol mol-1 as in the activation test mixture of Table 4. Consequently, the composition in 

wt.% of the feed is shown in Table 5 as the average of the composition of all the mixtures prepared. 

Small deviations between feed mixtures are present due to experimental errors while adding the 

compounds to the mixture. The chromatogram corresponding to the liquid feed is shown in Figure 31.  

 Table 5 Liquid feed composition 

COMPOUND WT. % 
NONANE 0.12% 
DECANE 6.02% 

UNDECANE 25.99% 
DODECANE 17.18% 
TRIDECANE 28.41% 

TETRADECANE 0.36% 
QUINOLINE 9.23% 

HEXADECENE 6.01% 
OCTADECENE 6.02% 

DMDS 0.67% 
 

The operating conditions were chosen considering the literature and the limitations of the Set-up. As 

HDN reactions require more severe conditions than HDS and olefin saturation reactions it was decided 
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to use temperatures between 300°C and 350°C and pressure between 60 bar and 90 bar. While the 

reactor has an upper operating pressure of 120 bar, no pressure above 90 bar was chosen to be used 

due to safety reasons. The relive valve of the high pressure hydrogen line in the cylinder cabinet failed 

at pressures above 110 bar. Consequently, in order to not force that relive valve a limit of 90 bar was 

set. The LHSV was set at 1 h-1 and a H2/HC ratio of 890 was chosen as typical industrial conditions 

according to Ancheyta [83]. For an empty reactor volume of 150 ml, the liquid feed volumetric flow is 

equal to 2.5 ml min-1 which corresponds to a H2 flow of 133.5 NL h-1. The CH4 flow (internal standard) 

was set at 10 NL h-1.  

 
Figure 31 Liquid Feed chromatogram 

It was decided to start with the highest operating pressure at 90 bar. If no deep HDN activity was 

observed at the proposed temperature range and 90 bar means that more severe conditions are 

needed for deep HDN. Since the set-up was already at the limits of temperature and pressure, the 

other operating variable to change was the LHSV.  Consequently, after the first set of experiments at 

90 bar and a LHSV of 1 h-1 it was decided to fix the pressure at 90 bar and vary the LHSV between 0.4 

h-1 and 1 h-1. The final experimental design is shown in Table 6.  

Table 6 Choice of operating conditions 

OPERATING CONDITION EXPERIMENTS 
TEMPERATURE 300-317-334-350°C 

PRESSURE 90 bar 

LHSV 0.4-0.7-1 h-1 

LIQUID FEED FLOW 1-1.75-2.5 ml min-1 

H2 FLOW 53.4-90.45-133.5 NL h-1 
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The stability of the reactor or the stationary state was checked before collecting the liquid samples and 

mass balances calculations. At the beginning of the experimental campaign it was decided to check for 

the stationary state once three consecutive chromatograms if the online gas injections were very 

similar but this criterion resulted to be inadequate because the product gas flow was highly irregular 

as shown in Figure 32.  The flow measured by the wet gas meter (G) which is supposed to be only H2 

and CH4 as the hydrocarbons are removed by the condenser while NH3 and H2S are removed in the 

scrubbers varied between 2 and 3.5 L min-1.  Consequently, the product gas stream of the reactor GP 

that enters the mixer is also varying and hence the composition of the gas injection to the GC is also 

changing (See Figure 34).  

 

 
Figure 32 Gas flow measured by the wet gas meter in a 30 min time frame at a H2 flow of 133.5 NL h-1 

As can be seen from Figure 33, the chromatograms from two consecutive online gas injections at 

317°C, 90 bar and a LHSV of 1 h-1 are completely different. The difference between the chromatograms 

can be attributed to the reasons mentioned earlier and to the fact that the line of the reactor gas 

product GP could only be heated up to 220°C which may lead to changes in the composition of the 

stream as the reactor temperature is different.  
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Figure 33 Two consecutive online gas injections at T=317°C, P=90 bar, LHSV=1 h-1 

As a result, a new criterion which was independent of the flow needed to be applied.  Since NH3 and 

H2S are detected in only one detector, the stationary state can be checked by analysing the areas of 

these two compounds detected on the TCD. The absolute value of the areas is dependent of the flow 

but the ratio of the areas should be independent of the flows. Consequently, when the ratio of the 

peak area of NH3 to the peak area of H2S becomes constant, it is assumed that the reactor is at 

stationary state. This criterion was then validated by injecting two non-consecutive liquid samples.  

4 Results and discussion 
 
4.1 Activation test 
 
A quantitative analysis of the activation test couldn’t be done due to damage at the septum of the FID 

detector which lead to unreliable chromatograms of the liquid samples however, a qualitative analysis 

was possible to do in the regions of interest of the chromatograms. In Figure 34 left it is shown the 1-

Decene and N-Decane peaks of the feed that is described in Table 4. At the right, the same peaks are 

shown for the liquid product.  From the comparison it can be seen that the 1-Decene peak decreases 

considerable in the liquid product while the N-Decane increases in intensity considerably. Hence, olefin 

hydrogenation activity is observed.  
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Figure 34 1-Decene and N-Decane peaks in the FID detectors during the activation test at the Feed (left) and the 

liquid product (right) 

 
Figure 35 NH3 and H2S peaks at the Front-TCD of the gas product of the activation test 

The HDN activity could be observed at the Front-TCD. In Figure 35 it is shown a chromatogram of the 

Front-TCD during the activation test of an online gas injection. It can be seen that the characteristic 

peak of NH3 is being formed which leads to the observation of HDN activity. At the right of the NH3, 

the H2S peak is also observed which is evidence of the decomposition of DMDS.  

 
4.2 Mass balances, conversion, selectivities and production rates 
 
4.2.1 General mass balance 
 
The general carbon mass balance is calculated according to the scheme shown in Figure 36. There are 

three inlet streams and three outlet streams. The liquid feed LF mass is weighted in a balance at times 
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t1 and t2, being t1 the initial time and t2 the end time of the measurement. This time frame was set to 

be around 88 min which is the total time of the chromatograph method. Both H2 and CH4 are measured 

in NL h-1, consequently by assuming ideal gas law the volumetric flow of those two inlets are converted 

to mass flows. The main liquid product Lp1 is the liquid separated in the cyclone while Lp2 is the liquid 

condensed from the reactor gas product stream Gp. The masses of Lp1 and Lp2 are both weighted in 

balances in times t1 and t2. The non-condensable gases G are measured with the wet gas meter in L 

min-1 at normal conditions, by assuming ideal gas law it is converted to mass flow. Hence, the general 

carbon mass balance is shown in Eq. 43.  

  

𝐿𝐿𝐹𝐹 + 𝐶𝐶2 + 𝐶𝐶𝐶𝐶4 − 𝐿𝐿𝑃𝑃1 − 𝐿𝐿𝑃𝑃2 − 𝐺𝐺 = 0 43 

 

 

 
Figure 36 General mass balance scheme of the set-up 

This method of calculating the mass balance closure proved to be very inconvenient due to the reasons 

explained in section 3.3.4. Consequently, a new methodology was needed for the mass balance 

closure. It was decided to close the mass balance via carbon balance of the liquid feed LF and the liquid 

products LP1 and LP2. The carbon balance was calculated according to Eq. 44.  

𝐶𝐶𝐵𝐵 = �1 − �
∑ 𝐿𝐿𝐹𝐹𝐹𝐹,𝑖𝑖
n
i=1 − ∑ 𝐿𝐿𝑃𝑃1𝐹𝐹,𝑖𝑖 +n

i=1 ∑ 𝐿𝐿𝑃𝑃2𝐹𝐹,𝑖𝑖
n
i=1

∑ 𝐿𝐿𝐹𝐹𝐹𝐹,𝑖𝑖
n
i=1

��100 44 

Where CB is the carbon balance with a value of 100% means perfect closure and is an acceptable 

closure if it has deviations lower than ±5%. LFC,i is the carbon mass flow of compound i in the liquid 

feed, LP1C,i and LP2C,i are the carbon mass flow of compound i in the liquid products LP1 and LP2 
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respectively. The results are shown in Figure 37. It can be seen that no carbon balance measurement 

felt below 95% which means that the mass balances are within the proposed criterion.  

 

 
Figure 37 Carbon balance results 

4.2.2 Reactor stability  
 
As explained in section 3.3.4 the reactor stability or stationary state was validated through the analysis 

of the peak areas of the NH3 and H2S according to Eq. 45.  

𝑅𝑅𝑁𝑁𝐻𝐻3
𝐻𝐻2𝑆𝑆

=
𝑃𝑃𝐴𝐴𝑁𝑁𝐻𝐻3
𝑃𝑃𝐴𝐴𝐻𝐻2𝑆𝑆

 45 

where R is the ratio of the areas and PA are the peak areas of NH3 and H2S according to the subscripts. 

In Figure 38 it is shown a typical behavior of the ratio of the peak areas of NH3 and H2S. After 5 

consecutive gas injections the ratio becomes constant.  Once the ratio is constant, the mass balances 

started to be measured. In Table 7, it is shown the hydrotreated product composition of two separates 

mass balances at 350°C, 90 bar and a LHSV of 0.4.  
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Figure 38 Reactor stability at 350°C, 90 bar LHSV=0.4 

Table 7 Product composition at 350°C, 90 bar and LHSV=0.4 h-1 

 PRODUCT COMPOSITION (WT. %) 
COMPOUND Mass balance 1 Mass balance 3 
N-NONANE 0.11% 0.12% 
N-DECANE 5.98% 5.97% 

N-UNDECANE 26.16% 25.99% 
N-DODECANE 17.15% 16.97% 
N-TRIDECANE 28.41% 28.11% 

N-TETRADECANE 0.37% 0.38% 
QUINOLINE 0.25% 0.26% 

HEXADECENE 0.21% 0.23% 
OCTADECENE 0.15% 0.21% 

DMDS 0.00% 0.00% 
1,2,3,4 TETRAHYDROQUINOLINE 5.68% 5.86% 

HEXADECANE 5.98% 6.08% 
OCTADECANE 6.04% 6.12% 

O-PROPYALNILINE 0.99% 0.92% 
5,6,7,8 TETRAHYDROQUINOLINE 0.23% 0.23% 

DECAHYDROQUINOLINE 0.16% 0.20% 
PROPYLCYCLOHEXILAMINE 0.89% 0.96% 

PROPYLCYCLOHEXANE 1.01% 0.94% 
PROPOYLBENZENE 0.24% 0.44% 

PROPYLCYCLOHEXENE 0.00% 0.00% 
The compositions shown in Table 7 are the compositions of the liquid product at the wetted surface 

of the catalyst which means that they were calculated including both the main liquid product LP1 and 

the condensed gas product LP2 according to Figure 36. There are no major differences between the 

compositions of both mass balances. Consequently, it can be assumed that the reaction is at steady 

state and the criterion is validated. The behavior in Figure 38 shows that the concentration of NH3 is 
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higher at the start of the experimental run. The first gas injection has the highest ratio and decreases 

until It reaches a constant value. This behavior could be explained by considering the end of the 

previous run. Once an experimental run is finished, the liquid and gas feed are stopped and the 

temperature set-point of the reactor is set at 80°C in order to stop the reactions. However, the 

temperature decrease is not immediate but takes time, from one to two hours depending on the 

cooling rate. During the time frame, the reactor is still filled with liquid that can react while the reactor 

temperature decreases and as there is no flow to displace that reactor volume, the reaction products 

are being accumulated. For that reason, the NH3 concentration is higher than the steady state at the 

start of the next experimental run. It decreases while the flow displaces the accumulated product.      

 

4.2.3 Olefin Saturation 
 
The experimental conversions of hexadecene and octadecene are calculated considering that the 

reactions take place in the completely wetted catalyst [88]. As a consequence, the fraction of liquid 

reactant that vaporize is excluded from participating in the reaction. Therefore, given a molar feed rate 

of the olefin LF,O, the molar rate that is in contact with the catalyst is LF,O-LP2,O where LP2,O is the molar 

flow of the olefin that is condensed from the product gas stream GP. Consequently, the conversion of 

the olefins is defined in Eq. 46.   

𝐶𝐶𝑂𝑂 =
𝐿𝐿𝐹𝐹,𝑂𝑂 − 𝐿𝐿𝑃𝑃1,𝑂𝑂 − 𝐿𝐿𝑃𝑃2,𝑂𝑂

𝐿𝐿𝐹𝐹,𝑂𝑂 − 𝐿𝐿𝑃𝑃2,𝑂𝑂
 46 

The conversion of the saturated olefin, which is an alkane is calculated according to Eq. 47.  

𝐶𝐶𝐴𝐴 =
𝐿𝐿𝑃𝑃1,𝐴𝐴 + 𝐿𝐿𝑃𝑃2,𝐴𝐴

𝐿𝐿𝐹𝐹,𝑂𝑂 − 𝐿𝐿𝑃𝑃2,𝑂𝑂
 47 

As there are no side or intermediate products during the saturation of an n-olefin XO should be equal 

to XA as the moles consumed of olefin should be the same as the moles produces of the respective 

alkane. It was found that the differences between the conversions of the olefin and the respective 

alkane never differed in more than ±5%.  

 

Experimental production rates/rate of disappearance of the olefin and the respective alkane Ri, is 

calculated by dividing the conversion Xi by the space time. Due to the assumption made for the 

calculation of the conversion space time is defined as the mass of the catalyst W divided by the molar 

flow rate that is in contact with the catalyst [88]. Consequently, the experimental production rates Ri 

are calculated according to Eq. 48.   
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𝑅𝑅𝑖𝑖 =
𝐶𝐶𝑖𝑖
𝑊𝑊

𝐿𝐿𝐹𝐹,𝑂𝑂 − 𝐿𝐿𝑃𝑃2,𝑂𝑂

 48 

The summarized results for the conversion of olefin hydrogenation can be found on Table 8. On Figure 

39 it is shown the effect of temperature on olefin conversion.  At a fixed LHSV of 1 h-1 the lowest olefin 

experimental obtained conversion was 72% for hexadecene and 74% for octadecene at 300°C. As the 

temperature increased, the olefin conversion increased which was expected. 95% and 96% conversion 

was obtained for hexadecene and octadecene respectively. It is also shown that temperature has a 

strong effect on olefin conversion. These results are in agreement with the work of Xin, et al. [72]. 

However, there are differences between the results. Xin, et al. [72] worked at lower temperatures 

(100-300°C) and pressures (14-28 bar) using lower olefins as feedstock. Consequently, high conversions 

were obtained in vapor phase reactions. As shown in Figure 19, 100% conversion was obtained at 

300°C, 21 bar, LHSV of 1.5 h-1 for C7 olefins while in this work conversions between 72% and 75% were 

obtained at 300°C for C16 and C18 n-olefins. This proves that the heavier the olefin the more difficult 

the hydrogenation is. However, it doesn’t appear to be a significant difference between the 

conversions of hexadecene and octadecene. The lower conversions shown at 334°C can be attributed 

to unstable liquid feed flow as during the start of mass balances at those conditions there was gas 

trapped in the liquid pump which lead to unstable flow. After purging the pump, the stable flow 

returned. The effect of LHSV on olefin conversion is visualized on Figure 40. As LHSV decreases the 

effect of temperature on olefin conversion is less pronounced. At 0.4 h-1 the lowest conversion was 

91.2% at 300°C. As temperature increases, the olefin conversion becomes more difficult. From 317°C 

to 350°C, the conversion increased from 95.1% to 97.2%. At 0.7 h-1 the conversion increased from 

88.7% to 99.1% at 300°C and 350°C respectively. The same behavior was observed as in the case of 0.4 

h-1. The promoter effect of lower LHSV on olefin conversion can be attributed to higher retention times 

while at higher LHSV the retention time is lower. As described in Eq. 46-47, the assumption made for 

the olefin conversion calculation is that the reaction takes place in the liquid phase. Consequently, the 

fraction of the olefins that is vaporized before the reaction takes place does not participate in the 

reaction. Since olefins with relatively high carbon number were chosen (C16 and C18), the vaporized 

fraction from the liquid feed was negligible due to high boiling points of the reactants. It varied from 

0.02% to 0.6%. However, as shown in Figure 42 the ratio of the olefin molar flow condensed LP2,O to 

the olefin molar feed flow LF,O appears to be higher as the temperature increases which is contrary to 

what would be expected. If the reaction only takes place in the liquid phase, it would be expected that 

the vaporized fraction would increase as the temperature increases but that is what is being observed.  

This might be an indication that olefin hydrogenation reactions might be occurring also in the gas phase 

but these results are inconclusive. More experimentation would be needed to validate or invalidate 
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the assumption. The vaporized fraction for lower boiling compounds such as n-decane was around 

25%, consequently it would be expected that for lower olefins the vaporized fraction would be higher 

if reaction only takes place in the liquid phase, but if the reaction also takes place in the gas phase the 

vaporized fraction should decrease as temperature increases because the lower the olefin the easier 

to saturate.   

 

 
Figure 39 Olefin conversion at 90 bar as a function of the temperature. A: LHSV=1, B: LHSV=0.7, C: LHSV=0.4 

 
Table 8 Olefin hydrogenation conversion results 

 LHSV  
 1 h-1 0.7 h-1 0.4 h-1 

TEMPERATURE (°C) Hexadecene Octadecene Hexadecene Octadecene Hexadecene Octadecene 
300 73.7% 73.5% 89.0% 88.7% 91.2% 92.8% 
317 83.6% 85.4% 92.0% 93.0% 95.7% 95.1% 
334 90.1% 91.3% 95.3% 96.9% 96.1% 97.1% 
350 95.6% 96.9% 97.7% 99.1% 96.5% 97.2% 
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Figure 40 Olefin conversion as a function of LHSV 

The total olefin content in the hydrotreated product (LP1 + LP2) at a LHSV of 1 h-1 decreased from a 

maximal value of 3.5 wt.% at 300°C to a minimal value 0.57 wt.% at 350°C as shown in Figure 41 from 

an initial total olefin content of 12 wt.%  in the feed according to Table 5. These results are also in 

according with the other work of Xin, et al [75]. As shown in Figure 20, the olefin content of a light 

fraction of a thermally processed bitumen decreased from 6 wt.% in the feed to 0.5 wt.% in the 

hydrotreated product at 300°C. From these results it can be inferred that in order to obtain near full 

olefins saturation conversion with carbon numbers of 16 or higher at industrially relevant space 

velocities temperatures of 350°C or higher. However, olefin content in PPO ranges from C10 to C20 as 

shown in Figure 5 and since PPO can be separated into light and heavy fractions, the choice of 

operating conditions in a PPO/VGO mixture if the objective is to saturate the olefins of the mixture will 

depend on the amount of PPO added to the mixture and carbon range of the PPO fraction. Adding 

lighter PPO fractions to VGO will need less severe conditions than adding heavy PPO fractions. Another 

important factor is the source in the PPO. As explained in section 2.1.1, the composition of the pyrolysis 

product will depend on the composition of the plastic feed stream of the pyrolysis process. Knowledge 
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of the composition of the PPO added to the VGO becomes a prerequisite if conventional hydrocracking 

is to be desired.  

 
Figure 41 Total olefin content in the hydrotreated product as a function of temperature at 90 bar 1 
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Figure 42 Olefin vaporized fraction with respect to the olefin feed flow as a function of LHSV 

 

4.2.4 Quinoline hydrodenitrogenation 
 
Experimental conversions of quinoline and the conversions of the respective products respective to 

quinoline are calculated making the same assumptions as in section 4.2.3. In Eq. 48 it is shown the 

calculation for quinoline conversion and in Eq. 49 for the products.  

𝐶𝐶𝑄𝑄 =
𝐿𝐿𝐹𝐹,𝑄𝑄 − 𝐿𝐿𝑃𝑃1,𝑄𝑄 − 𝐿𝐿𝑃𝑃2,𝑄𝑄

𝐿𝐿𝐹𝐹,𝑄𝑄 − 𝐿𝐿𝑃𝑃2,𝑄𝑄
 48 

 

 

𝐶𝐶𝑖𝑖 =
𝐿𝐿𝑃𝑃1,𝑖𝑖 + 𝐿𝐿𝑃𝑃2,𝑖𝑖

𝐿𝐿𝐹𝐹,𝑄𝑄 − 𝐿𝐿𝑃𝑃2,𝑄𝑄
 49 

 
The experimental selectivity of the products of the decomposition of Quinoline are calculated 

according to Eq. 50. Where Si is the selectivity with reference to Quinoline, LP1,i is the molar flow of 

compound i in the liquid product. LF,Q is the molar flow of Quinoline in the liquid feed, LP1,Q is the 

unreacted Quinoline in the liquid product and LP2,Q is the unreacted Quinoline in the condensed gas 

product.  

𝑆𝑆𝑖𝑖 =
𝐿𝐿𝑃𝑃1,𝑖𝑖 + 𝐿𝐿𝑃𝑃2,𝑖𝑖

𝐿𝐿𝐹𝐹,𝑄𝑄 − 𝐿𝐿𝑃𝑃1,𝑄𝑄 − 𝐿𝐿𝑃𝑃2,𝑄𝑄
 50 
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Experimental production rates/rate of disappearance of quinoline and the respective products Ri, is 

calculated by dividing the conversion Xi by the space time. Due to the assumption made for the 

calculation of the conversion space time is defined as the mass of the catalyst W divided by the molar 

flow rate that is in contact with the catalyst [88]. Consequently, the experimental production rates Ri 

are calculated according to Eq. 51.   

𝑅𝑅𝑖𝑖 =
𝐶𝐶𝑖𝑖
𝑊𝑊

𝐿𝐿𝐹𝐹,𝑄𝑄 − 𝐿𝐿𝑃𝑃2,𝑄𝑄

 51 

Nitrogen conversion was calculated based on the fact that 1 mole produced of the hydrocarbon 

products of quinolone HDN produce 1 mole of ammonia. Hence, the total moles of produced 

hydrocarbons are equal to the total moles of NH3 produced. Consequently, the total amount of 

nitrogen in the products is known. As a result, nitrogen conversion is calculated according to Eq. 52.  

 

𝐶𝐶𝑁𝑁 =
𝑁𝑁𝑖𝑖𝑖𝑖 − 𝑁𝑁𝑜𝑜𝑠𝑠𝑜𝑜

𝑁𝑁𝑖𝑖𝑖𝑖
 52 

Where Nin is the total nitrogen in the feed and Nout is the total nitrogen in the product. 

 

On Table 9 can be found the quinoline as well as product conversions and their respective selectivities 

at a LHSV of 1 h-1. These results are also shown graphically on Figure 43 and Figure 44 for better 

illustration.   

Table 9 Quinoline hydrodenitrogenation conversions and product selectivities at LHSV=1 h-1 

 CONVERSION SELECTIVITY 
COMPOUND 300°C 317°C 334°C 350°C 300°C 317°C 334°C 350°C 
QUINOLINE 95.1% 96.2% 95.6% 95.6% - - - - 

14THQ 89.2% 85.7% 81.1% 72.9% 93.9% 89.0% 84.9% 76.2% 
OPA 1.9% 3.2% 4.1% 6.1% 2.0% 3.3% 4.3% 6.4% 

58THQ 0.2% 0.3% 1.1% 2.3% 0.2% 0.3% 1.2% 2.4% 
DHQ 0.4% 0.7% 1.0% 1.6% 0.5% 0.7% 1.1% 1.6% 
PCHA 2.3% 4.2% 6.1% 7.7% 2.5% 4.4% 6.4% 8.0% 
PCH 0.1% 0.4% 1.2% 3.5% 0.1% 0.5% 1.3% 3.6% 
PB 0.2% 0.3% 0.6% 1.3% 0.2% 0.4% 0.7% 1.4% 

PCHE 0.0% 0.0% 0.0% 0.0% 0.0% 0.0% 0.0% 0.0% 
 

Table 10 Quinoline hydrodenitrogenation conversions and product selectivities at LHSV=0.7 h--1 

 CONVERSION SELECTIVITY 
COMPOUND 300 317 334 350 300 317 334 350 
QUINOLINE 97.3% 96.3% 97.4% 97.5% - - - - 

14THQ 84.4% 82.3% 77.8% 65.7% 86.74% 85.5% 79.8% 67.3% 
OPA 7.1% 4.1% 6.0% 8.4% 7.30% 4.3% 6.1% 8.7% 
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58THQ 0.4% 0.2% 0.5% 1.7% 0.39% 0.2% 0.5% 1.8% 
DHQ 0.6% 0.9% 1.2% 1.4% 0.57% 1.0% 1.2% 1.4% 
PCHA 4.2% 6.4% 7.6% 8.5% 4.34% 6.7% 7.8% 8.7% 
PCH 0.4% 1.0% 2.9% 10.4% 0.37% 1.1% 3.0% 10.7% 
PB 0.2% 0.4% 0.9% 1.9% 0.24% 0.4% 0.9% 2.0% 

PCHE 0.0% 0.0% 0.0% 0.0% 0.00% 0.0% 0.0% 0.0% 
 

 

Quinoline conversion appears to be constant, varying between 95.1% and 96.2% conversion 

independent of the temperature. These results are in agreement with the results given by the work of 

Luan et al. [58] shown in Figure 11 and similar results for quinoline conversion were obtained by Tu, 

et al [89] in a batch reactor at 350°C and 30 bar using a NiMo catalyst. Temperature seem to have a 

low influence on quinoline conversion as at temperature above the ones used in this work; conversions 

can be as high as 98% [58]. The effect of temperature on product selectivities is more pronounced than 

in quinolone conversion as shown in Figure 43 and Figure 44. While at a LHSV of 1 h-1 the principal 

product was 14THQ at the whole range of temperatures tested, the selectivity towards this product 

decreased from 93.9% at 300°C to 76.2% at 350°C. LHSV does not appear to have a strong effect on 

quinoline conversion as conversions varied between 95.1% and 97.9% at 0.4 h-1 and 0.7 h-1 but it does 

have a strong effect on 14THQ selectivity. At 0.4 h-1, 14THQ selectivity decreased from 84.1% to 59.6%.  

  

Table 11  Quinoline hydrodenitrogenation conversions and product selectivities at LHSV=0.4 h-1 

 CONVERSION SELECTIVITY 
COMPOUND 300 317 334 350 300 317 334 350 
QUINOLINE 97.9% 95.1% 97.9% 97.4% - - - - 

14THQ 84.1% 76.0% 71.3% 59.6% 85.8% 79.9% 72.8% 61.2% 
OPA 4.6% 5.7% 8.6% 9.7% 4.7% 6.0% 8.8% 10.0% 

58THQ 0.2% 0.5% 0.6% 2.4% 0.2% 0.6% 0.6% 2.4% 
DHQ 0.8% 0.9% 1.3% 1.8% 0.8% 0.9% 1.3% 1.9% 
PCHA 5.5% 4.9% 7.1% 9.0% 5.7% 5.2% 7.3% 9.2% 
PCH 2.2% 5.3% 6.8% 10.7% 2.2% 5.5% 7.0% 10.9% 
PB 1.0% 1.2% 2.6% 3.9% 1.0% 1.2% 2.6% 4.0% 

PCHE 0.0% 0.0% 0.0% 0.0% 0.0% 0.0% 0.0% 0.0% 
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Figure 43 Quinoline conversion and product selectivity as a function of temperature.. 14THQ=1,2,3,4 

tetrahydroquinoline, 58THQ= 5,6,7,8 tetrahydroquinoline, OPA=orto-propylaniline, DHQ=decahydroquinoline, 
PCHA= propyl-cyclohexylamine, PB=propylbenzene, PCHE=propylcyclohexene, PCH=propylcyclohexane. A: 

LHSV=1, B: LHSV=0.7, C: LHSV=0.4 

Other major products were OPA and PCHA in which the selectivities increased from 1.9% and 2.3% at 

300°C to 6.4% and 8.0% at 350°C respectively. As the LHSV decreased, the selectivity towards these 

intermediates increased to 10.0% and 10.9% at 350°C and 0.4 h-1. Minor intermediate products were 

58THQ and DHQ whose selectivities increased from 0.2% and 0.4% at 300°C to 2.4% and 1.6% at 350°C 

respectively. LHSV doesn’t have a strong effect on the selectivity of those minor intermediates. The 

detected denitrogenated products were PCH and PB with selectivities that increased from 0.1% and 

0.2% at 300°C to 3.6% and 1.4% at 350°C respectively. LHSV does have a strong effect on PCH and PB 

selectivities. At 0.4 h-1 there was an increase from 2.2% and 1.0% at 300°C to 10.9% and 4.0% at 350°C. 

PCHE was not detected in none of the experimental runs. It is possible that PCHE was eluting at the 

same retention time as PB or that it is easily hydrogenated into PCH. The results show that 14THQ is 

the main product of quinoline HDN, this is in accord with the results of Tian, et al. [60], Luan, et al. [58], 

Nguyen, et al. [56] and Tu, et al. [89]. Since quinoline conversion is independent of temperature at the 
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tested temperature range, it can be deduced that it is easily hydrogenated into 14THQ while 

hydrogenation of 14THQ is a more difficult reaction. The hydrogenation of the hetero-cyclic aromatic 

ring is the prefer path towards quinoline HDN as the production 58THQ is much lower than that of 

14THQ. Once 14THQ is produced, the HDN can take two different pathways. One pathway (PW1) is the 

subsequent hydrogenation of the benzene ring to form DHQ which then undergoes ring opening 

through Csp3-N cleavage to form PCHA. Finally, the C-N is broken to form PCH releasing NH3. The other 

pathway (PW2) according to the results is the direct hydrogenolysis of 14THQ to form OPA which is 

then either hydrogenated into PCHA or it can go into direct Csp2-N bond cleavage to form PB releasing 

NH3. According to the selectivity analysis as a function of temperature, PW1 is the prefer path towards 

quinoline HDN as the temperature increases. The PCH to PB ratio increases from 0.43 at 300°C to 2.60 

at 350°C a 1 h-1. LHSV does not increases the PHC to PB ratio which is an indication that as the 

temperature increases PW2 is favoured over PW1. Due to the high production of 14THQ, it can be 

deduced that the slowest steps from PW1 and PW2 are the benzene ring hydrogenation to DHQ and 

the direct hydrogenolysis to OPA respectively. DHQ and PCH shows lower selectivities than PCHA which 

means that ring opening is faster step than C-N cleavage however, DHQ is also being consumed in the 

equilibrium reaction with 58THQ as shown by the increase in selectivity of 58THQ. Since quinoline 

conversion is not changing with temperature, it means that the other only possible pathway towards 

58THQ formation is that as temperature increases the equilibrium shifts to the left and hence 58THQ 

is formed. OPA selectivity is lower is than PCHA selectivity which means that either ring opening of 

14THQ is more difficult than the benzene ring hydrogenation or that as temperature increases more 

OPA is being consumed towards PCHA.  

 

Despite the high quinoline conversion, the total nitrogen conversion is low as shown in Figure 44. 

However, temperature have a strong effect on nitrogen conversion. There is an exponential increase 

from 0.25% at 300°C to 4.8% at 350°C at a LHSV of 1 h-1. These results are much lower than those 

presented by Luan, et al. [58]. According to the authors, at a space time of 1.12 min which means a 

LHSV of 0.018 h-1, at 350°C there is a nitrogen conversion of around 70%. It worth noticing that the 

strong effect of temperature is also evidenced. Yet, the operating conditions and the catalyst (NiW) 

were different. Ferdous, et al. [67] hydrotreated a heavy gas oil containing 0.3% nitrogen at operating 

conditions similar to the ones tested in this work. At 356°C, 94 bar and a LHSV of 0.8 h-1, they obtained 

a 49.3% nitrogen conversion which is a value much higher than the one obtained at similar conditions 

in this work. While the operating conditions were similar, the catalyst used was a NiMoB catalyst and 

the feed was a complex mixture which does not contains olefins. As a result, the feed contains a 

mixture of basic and non-basic nitrogen containing hetero-compounds. As explained in the selectivity 



 

60 

 

analysis, HDN follows sequential hydrogenation, ring opening and denitrogenation. As a consequence, 

the presence of olefins in the feed may affect the hydrogenation of the intermediate HDN products 

due to competitive effects and/or hydrogen availability. Since hydrogenation of the benzene ring of a 

heterocyclic compound is a fundamental pathway for nitrogen removal, olefin presence may inhibit 

this step and consequently decreasing the total nitrogen conversion but no experiments without the 

presence of olefins was performed, as a result it is only a hypothesis that needs to be tested. The 

highest obtained nitrogen conversion was 15% at 350°C and 0.4 h-1. Hence, no deep 

hydrodenitrogenation was achieved at the tested operating conditions. Since the Rob2 reactor has an 

upper limit of 350°C, the possibility to achieve higher nitrogen conversions would be to lower the LHSV 

to values which are not relevant industrially related. The quinoline vaporized fraction follows the same 

behaviour as the vaporized fractions of hexadecene and octadecene.  

 

From the experimental results it can be deduced that the quinoline hydrodenitrogenation follows 

sequential hydrogenation, ring opening and denitrogenation reactions. The hydrogenation of quinoline 

towards 14THQ appears to be limited by equilibrium as the quinoline conversion was independent of 

the temperature and LHSV. However, the equilibrium is heavily shifted to the production of 14THQ. As 

the temperature increases, the ring opening of the fully hydrogenated intermediate (DHQ) becomes 

favoured over the direct hydrogenolisis of OPA and as a consequence the denitrogenation of PCHA 

becomes the favoured path towards quinoline hydrodenitrogenation.  
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Figure 44 Quinoline conversion and close up of minor products selectivity as a function of temperature. 

14THQ=1,2,3,4 tetrahydroquinoline, 58THQ= 5,6,7,8 tetrahydroquinoline, OPA=orto-propylaniline, 
DHQ=decahydroquinoline, PCHA= propyl-cyclohexylamine, PB=propylbenzene. A: LHSV=1, B: LHSV=0.7, C: 

LHSV=0.4  
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Figure 45 Nitrogen conversion as function of temperature  

 
Figure 46 Quinoline conversion and products selectivity as a function of LHSV. 14THQ=1,2,3,4 

tetrahydroquinoline, 58THQ= 5,6,7,8 tetrahydroquinoline, OPA=orto-propylaniline, DHQ=decahydroquinoline, 
PCHA= propyl-cyclohexylamine, PB=propylbenzene.A: T=300°C. B: T=317°C. C: T=334°C. D: T=350°C  
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Figure 47 Quinoline conversion and close up of minor products selectivity as a function of LHSV. 14THQ=1,2,3,4 

tetrahydroquinoline, 58THQ= 5,6,7,8 tetrahydroquinoline, OPA=orto-propylaniline, DHQ=decahydroquinoline, 
PCHA= propyl-cyclohexylamine, PB=propylbenzene. A: T=300°C. B: T=317°C. C: T=334°C. D: T=350°C  

4.3 Kinetic models 
 
4.3.1 Olefin hydrogenation kinetic models  
 
Three different kinetic models for the olefin hydrogenation were proposed. All of them are based on 

the studies of Thybaut, et al. [77] and Mattson, et al. [76]. As both of these studies are based on the 

Horiuti-Polanyi mechanism the difference between the proposed models are on the assumptions 

made. The proposed reaction mechanism for the first kinetic model on olefin hydrogenation (OHKM1) 

is shown in Eq. 53-57. The assumptions made on this reaction mechanism are as follow:  

1.1 H2 dissociative chemisorption and olefin reactant chemisorb at identical sites (competitive 

chemisorption)  

2.1 First hydrogenation step (Eq. 55) is the rate-limiting step and irreversible 

3.1 Other surface reactions are at a quasi-equilibrated state 

4.1 Alkane desorption is very fast, chemisorbed species coverage is negligible 

 

CH2 + 2Θ ⇌ 2ΘH 𝐾𝐾𝐻𝐻2  53 
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CO +  Θ ⇌  ΘO 𝐾𝐾𝑂𝑂 54 

 

ΘO +  ΘH → ΘOH +  Θ 𝑘𝑘1 55 

 

ΘOH +  ΘH ⇌ ΘOH2 +  Θ 𝐾𝐾𝑂𝑂𝐻𝐻 56 

 

ΘOH2 ⇌ COH2 +  Θ 
1

𝐾𝐾𝑂𝑂𝐻𝐻2
 57 

 

Where CH2, CO, and COH2 are the liquid phase concentrations of hydrogen, olefin and alkane 

(hydrogenated olefin) respectively. Θ, ΘH, ΘO, ΘOH and ΘOH2 are the fractional coverage of the free 

active sites, chemisorbed hydrogen, chemisorbed olefin, chemisorbed mono-hydrogenated olefin and 

chemisorbed di-hydrogenated olefin respectively.  KHH2, KO and KOH are the adsorption constants of 

hydrogen, olefin and mono-hydrogenated olefin. KOH2 is the desorption constant of the di-

hydrogenated olefin and k1 is the rate constant.  

 

By considering assumption 2.1 the reaction rate is defined in Eq. 58. 

𝑟𝑟𝑂𝑂𝐻𝐻𝑂𝑂𝑀𝑀1 = 𝑘𝑘1ΘOΘH  58 

The adsorption equilibrium constants are defined according to assumption 3.1 and are shown in Eq. 

59-62.  

𝐾𝐾𝐻𝐻2 =
ΘH2

CH2Θ2
 59 

 

𝐾𝐾𝑂𝑂 =
ΘO

COΘ
 60 

 

𝐾𝐾𝑂𝑂𝐻𝐻 =
ΘOH2Θ
ΘOHΘH

 61 

 

𝐾𝐾𝑂𝑂𝐻𝐻2 =
ΘOH2

COH2Θ
 62 

 

The total site balance is defined in Eq. 63 according to assumption 4.1. 

Θ𝑀𝑀 = Θ + ΘO + ΘH + ΘOH 63 
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Eq. 59-63 form a system of equation of 5 equations with 5 variables. By solving this system for Θ, an 

expression for the free sites in terms of measurable variables is obtained as shown in Eq. 64. 

Θ =  
Θ𝑀𝑀𝐾𝐾𝑂𝑂𝐻𝐻�𝐾𝐾𝐻𝐻2CH2

𝐾𝐾𝑂𝑂CO𝐾𝐾𝑂𝑂𝐻𝐻�𝐾𝐾𝐻𝐻2CH2 + 𝐾𝐾𝐻𝐻2CH2𝐾𝐾𝑂𝑂𝐻𝐻 + 𝐾𝐾𝑂𝑂𝐻𝐻�𝐾𝐾𝐻𝐻2CH2 + COH2𝐾𝐾𝑂𝑂𝐻𝐻2
 64 

By replacing Eq.59, 60 and 61 in Eq. 46 the final expression for the reaction rate of OHKM1 is defined 

in Eq. 65. 

𝑟𝑟𝑂𝑂𝐻𝐻𝑂𝑂𝑀𝑀1 =
𝑘𝑘1�𝐶𝐶𝐻𝐻2𝐾𝐾𝐻𝐻2𝛩𝛩𝑀𝑀

2𝐾𝐾𝑂𝑂𝐻𝐻2
2𝐶𝐶𝐻𝐻2𝐾𝐾𝐻𝐻2𝐾𝐾𝑂𝑂𝐶𝐶𝑂𝑂

�𝐾𝐾𝑂𝑂𝐻𝐻(𝐶𝐶𝑂𝑂𝐾𝐾𝑂𝑂 + 1)�𝐶𝐶𝐻𝐻2𝐾𝐾𝐻𝐻2 + 𝐶𝐶𝐻𝐻2𝐾𝐾𝐻𝐻2𝐾𝐾𝑂𝑂𝐻𝐻 + 𝐾𝐾𝑂𝑂𝐻𝐻2𝐶𝐶𝑂𝑂𝐻𝐻2�
2 65 

The second kinetic model for hydrogenation of olefins (OHKM2) is a variation of OHKM1. Assumption 

2.1 changes from the first hydrogenation step (Eq. 55) being the rate-limiting step to the second 

hydrogenation step (Eq. 56) being the rate-limiting step. This assumption is now numbered 2.2. 

Consequently, the new rate constant and the new equilibrium constant of the mono-hydrogenated 

olefin (KOH) are defined as shown in Eq. 66-67.  

𝑟𝑟𝑂𝑂𝐻𝐻𝑂𝑂𝑀𝑀2 = 𝑘𝑘1ΘOHΘH  66 

 

𝐾𝐾𝑂𝑂𝐻𝐻 =
ΘOHΘ
ΘOΘH

  67 

A new system of 5x5 is obtained between Eq. 59, 60, 67, 63 and 63. By solving for Θ, the expression of 

the free sites in OHKM2 is defined in Eq. 68.  

Θ =  
Θ𝑀𝑀𝐾𝐾𝑂𝑂𝐻𝐻�𝐾𝐾𝐻𝐻2CH2

𝐾𝐾𝑂𝑂CO𝐾𝐾𝑂𝑂𝐻𝐻�𝐾𝐾𝐻𝐻2CH2 + 𝐾𝐾𝑂𝑂CO + �𝐾𝐾𝐻𝐻2CH2 + 1
 68 

The final expression of the reaction rate of OHKM2 is then defined by replacing Eq. 59, 61 and 68 in Eq. 

67 and is shown in Eq. 69.  

𝑟𝑟𝑂𝑂𝐻𝐻𝑂𝑂𝑀𝑀2 =  
k1𝐾𝐾𝐻𝐻2CH2Θ𝑀𝑀

2𝐾𝐾𝑂𝑂CO𝐾𝐾𝑂𝑂𝐻𝐻
�𝐾𝐾𝑂𝑂CO𝐾𝐾𝑂𝑂𝐻𝐻�𝐾𝐾𝐻𝐻2CH2 + 𝐾𝐾𝑂𝑂CO + �𝐾𝐾𝐻𝐻2CH2 + 1�

2 69 

The third model OHKM3 takes different assumptions into consideration which are as follow: 

1.3 H2 dissociative chemisorption and olefin reactant chemisorb at identical sites 

(competitive chemisorption) and quasi-equilibrated. 

2.3 Desorption of the alkane product (di-hydrogenated olefin) is fast and irreversible 

3.3 Hydrogenated chemisorbed species are in quasi-stationary  

4.3 No rate-limiting step 

Consequently, the reaction mechanism is different from the one shown for models OHKM1 and 

OHKM2. The mechanism is shown in Eq. 70-74. 

CH2 + 2Θ ⇌ 2ΘH 𝐾𝐾𝐻𝐻2  70 
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CO +  Θ ⇌  ΘO 𝐾𝐾𝑂𝑂 71 

 

ΘO +  ΘH ⇌ ΘOH +  Θ 𝐾𝐾1 72 

 

ΘOH +  ΘH ⇌ ΘOH2 +  Θ 𝐾𝐾2 73 

 

ΘOH2 → COH2 +  Θ  74 

Since the chemisorbed hydrogenated species are not assumed to be in quasi-equilibrium but in quasi-

stationary state, the parameter defining Eq. 72-73 are not adsorption constant but equilibrium 

constants K1 and K2 respectively. For definite values of K1 and K2 the equilibrium is shifted to the right 

[77] and considering assumption 2.3 the rate constant becomes Eq. 75.  

𝑟𝑟𝑂𝑂𝐻𝐻𝑂𝑂𝑀𝑀3 = 𝑘𝑘2ΘOHΘH  75 

Where k2 is the rate constant of Eq. 74. The adsorption constant of hydrogen and the olefin reactant 

are already defined in Eq. 59-60. The balance for the chemisorbed hydrogenated species are defined 

in Eq. 76-77 according to assumption 3.3.  

𝑘𝑘1ΘOΘH +
𝑘𝑘2ΘOH2Θ

𝐾𝐾2
−
𝑘𝑘1Θ𝑂𝑂𝐻𝐻Θ
𝐾𝐾1

− 𝑘𝑘1ΘOHΘH = 0  76 

   

𝑘𝑘2ΘOHΘH −
𝑘𝑘2ΘOH2Θ

𝐾𝐾2
= 0  77 

By solving Eq. 59-60 for ϴH and ϴO and replacing them in Eq. 76-77, the balances of the hydrogenated 

species are expressed in a system of two equations and two variables. By solving this system for the 

chemisorbed hydrogenated; these are left in terms of measurable variables and the free sites ϴ as 

shown in Eq. 78-79.  

ΘOH = �𝐾𝐾𝐻𝐻2CH2Θ𝐶𝐶𝑂𝑂𝐾𝐾1𝐾𝐾𝑂𝑂  78 

 

ΘOH2 = 𝐾𝐾𝐻𝐻2CH2𝐾𝐾2Θ𝐶𝐶𝑂𝑂𝐾𝐾1𝐾𝐾𝑂𝑂  79 

The total site balance must now include the coverage of the di-hydrogenated chemisorbed olefin 

because of assumption 3.3, hence the total site balance is expressed in Eq. 80.  

Θ𝑀𝑀 = Θ + ΘO + ΘH + ΘOH + ΘOH2  80 

By replacing Eq. 59, 60, 78 and 79 into Eq. 80 an expression for the free sites is obtained as shown in 

Eq. 81.  
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Θ =  
Θ𝑀𝑀

COCH2𝐾𝐾1𝐾𝐾2𝐾𝐾𝑂𝑂𝐾𝐾𝑂𝑂𝐻𝐻𝐾𝐾𝐻𝐻2 + �𝐾𝐾𝐻𝐻2CH2CO𝐾𝐾1𝐾𝐾𝑂𝑂 + CO𝐾𝐾𝑂𝑂 + �𝐾𝐾𝐻𝐻2CH2 + 1
 81 

Finally, replacing Eq. 59, 60 and 80 into 75 a final expression for OHKM3 is obtained as shown in Eq. 

82. 

𝑟𝑟𝑂𝑂𝐻𝐻𝑂𝑂𝑀𝑀3 =  
𝑘𝑘2CH2𝐾𝐾𝐻𝐻2Θ𝑀𝑀

2CO𝐾𝐾1𝐾𝐾𝑂𝑂
�COCH2𝐾𝐾1𝐾𝐾2𝐾𝐾𝑂𝑂𝐾𝐾𝑂𝑂𝐻𝐻𝐾𝐾𝐻𝐻2 + �𝐾𝐾𝐻𝐻2CH2CO𝐾𝐾1𝐾𝐾𝑂𝑂 + CO𝐾𝐾𝑂𝑂 + �𝐾𝐾𝐻𝐻2CH2 + 1�

2 82 

 

4.3.2 Quinoline HDN kinetic model 
 
A kinetic model for the quinoline HDN is proposed based on the reaction scheme shown in Figure 44. 

This proposed reaction scheme was based on the experimental results shown in section 4.2.4. The 

assumptions made for this model are based on the work of Nguyen, et al. [56] described in section 

2.2.2.1.3 but some differences are made. The assumptions made for this model are as follow: 

• Coverages of H2S and NH3 are negligible 

• Same active site for hydrogenation and C-N cleavage  

• Surface reactions are rate limiting steps 

• Competitive adsorption between H2 , N-heterocompounds and hydrocarbons 

• No consideration on solvent adsorption 

• Generalized Langmuir-Hinshelwood formalism to express the coverage of the relevant species 

 

 

 

 
Figure 48 Proposed Quinoline HDN reaction scheme based on the experimental results 

The production rates of the compounds according to the scheme shown in Figure 44 are listed in Eq. 

83-90 
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𝑅𝑅𝑄𝑄 = 𝑟𝑟2 − 𝑟𝑟1 − 𝑟𝑟3 83 

 

𝑅𝑅14𝑀𝑀𝐻𝐻𝑄𝑄 = 𝑟𝑟1 − 𝑟𝑟2 − 𝑟𝑟6 − 𝑟𝑟7 84 

 

𝑅𝑅58𝑀𝑀𝐻𝐻𝑄𝑄 = 𝑟𝑟3 + 𝑟𝑟5 − 𝑟𝑟4 85 

 

𝑅𝑅𝑂𝑂𝑃𝑃𝐴𝐴 = 𝑟𝑟7 + 𝑟𝑟10 − 𝑟𝑟9 − 𝑟𝑟11 86 

 

𝑅𝑅𝐷𝐷𝐻𝐻𝑄𝑄 = 𝑟𝑟4 + 𝑟𝑟6 − 𝑟𝑟5 − 𝑟𝑟8 87 

 

𝑅𝑅𝑃𝑃𝐹𝐹𝐻𝐻𝐴𝐴 = 𝑟𝑟8 + 𝑟𝑟9 − 𝑟𝑟10 − 𝑟𝑟12 88 

 

𝑅𝑅𝑃𝑃𝑃𝑃 = 𝑟𝑟11 89 

 

𝑅𝑅𝑃𝑃𝐹𝐹𝐻𝐻 = 𝑟𝑟12 90 

By replacing the definition of the reaction rates ri defined in Eq.16 into the production rates then 

become Eq. 91-98.  

𝑅𝑅𝑄𝑄 =
𝐾𝐾𝐻𝐻2𝐶𝐶𝐻𝐻2(𝐾𝐾𝑄𝑄(𝑘𝑘1 + 𝑘𝑘3)𝐶𝐶𝑄𝑄 − 𝐶𝐶14𝑀𝑀𝐻𝐻𝑄𝑄𝐾𝐾14𝑀𝑀𝐻𝐻𝑄𝑄𝑘𝑘2

�𝐶𝐶𝐷𝐷𝐻𝐻𝑄𝑄𝐾𝐾𝐷𝐷𝐻𝐻𝑄𝑄 + 𝐶𝐶𝑂𝑂𝑃𝑃𝐴𝐴𝐾𝐾𝑂𝑂𝑃𝑃𝐴𝐴 + 𝐶𝐶𝑃𝑃𝑃𝑃𝐾𝐾𝑃𝑃𝑃𝑃 + 𝐶𝐶𝑃𝑃𝐹𝐹𝐻𝐻𝐾𝐾𝑃𝑃𝐹𝐹𝐻𝐻 + 𝐶𝐶𝑃𝑃𝐹𝐹𝐻𝐻𝐴𝐴𝐾𝐾𝑃𝑃𝐹𝐹𝐻𝐻𝐴𝐴 + 𝐶𝐶𝑄𝑄𝐾𝐾𝑄𝑄 + 𝐾𝐾𝐻𝐻2𝐶𝐶𝐻𝐻2 + 𝐶𝐶14𝑀𝑀𝐻𝐻𝑄𝑄𝐾𝐾14𝑀𝑀𝐻𝐻𝑄𝑄 + 𝐶𝐶58𝑀𝑀𝐻𝐻𝑄𝑄𝐾𝐾58𝑀𝑀𝐻𝐻𝑄𝑄 + 1�2
 91 

 

𝑅𝑅14𝑀𝑀𝐻𝐻𝑄𝑄 =
𝐾𝐾𝐻𝐻2𝐶𝐶𝐻𝐻2(−𝐾𝐾14𝑀𝑀𝐻𝐻𝑄𝑄(𝑘𝑘2 + 𝑘𝑘6 + 𝑘𝑘7)𝐶𝐶14𝑀𝑀𝐻𝐻𝑄𝑄 + 𝐾𝐾𝑄𝑄𝐶𝐶𝑄𝑄𝑘𝑘1)

�𝐶𝐶𝐷𝐷𝐻𝐻𝑄𝑄𝐾𝐾𝐷𝐷𝐻𝐻𝑄𝑄 + 𝐶𝐶𝑂𝑂𝑃𝑃𝐴𝐴𝐾𝐾𝑂𝑂𝑃𝑃𝐴𝐴 + 𝐶𝐶𝑃𝑃𝑃𝑃𝐾𝐾𝑃𝑃𝑃𝑃 + 𝐶𝐶𝑃𝑃𝐹𝐹𝐻𝐻𝐾𝐾𝑃𝑃𝐹𝐹𝐻𝐻 + 𝐶𝐶𝑃𝑃𝐹𝐹𝐻𝐻𝐴𝐴𝐾𝐾𝑃𝑃𝐹𝐹𝐻𝐻𝐴𝐴 + 𝐶𝐶𝑄𝑄𝐾𝐾𝑄𝑄 + 𝐾𝐾𝐻𝐻2𝐶𝐶𝐻𝐻2 + 𝐶𝐶14𝑀𝑀𝐻𝐻𝑄𝑄𝐾𝐾14𝑀𝑀𝐻𝐻𝑄𝑄 + 𝐶𝐶58𝑀𝑀𝐻𝐻𝑄𝑄𝐾𝐾58𝑀𝑀𝐻𝐻𝑄𝑄 + 1�2
 92 

 

𝑅𝑅58𝑀𝑀𝐻𝐻𝑄𝑄 =
𝐾𝐾𝐻𝐻2𝐶𝐶𝐻𝐻2(𝐶𝐶𝐷𝐷𝐻𝐻𝑄𝑄𝐾𝐾𝐷𝐷𝐻𝐻𝑄𝑄𝑘𝑘5 +  𝐾𝐾𝑄𝑄𝐶𝐶𝑄𝑄𝑘𝑘3 − 𝐾𝐾58𝑀𝑀𝐻𝐻𝑄𝑄𝐶𝐶58𝑀𝑀𝐻𝐻𝑄𝑄𝑘𝑘4)

�𝐶𝐶𝐷𝐷𝐻𝐻𝑄𝑄𝐾𝐾𝐷𝐷𝐻𝐻𝑄𝑄 + 𝐶𝐶𝑂𝑂𝑃𝑃𝐴𝐴𝐾𝐾𝑂𝑂𝑃𝑃𝐴𝐴 + 𝐶𝐶𝑃𝑃𝑃𝑃𝐾𝐾𝑃𝑃𝑃𝑃 + 𝐶𝐶𝑃𝑃𝐹𝐹𝐻𝐻𝐾𝐾𝑃𝑃𝐹𝐹𝐻𝐻 + 𝐶𝐶𝑃𝑃𝐹𝐹𝐻𝐻𝐴𝐴𝐾𝐾𝑃𝑃𝐹𝐹𝐻𝐻𝐴𝐴 + 𝐶𝐶𝑄𝑄𝐾𝐾𝑄𝑄 + 𝐾𝐾𝐻𝐻2𝐶𝐶𝐻𝐻2 + 𝐶𝐶14𝑀𝑀𝐻𝐻𝑄𝑄𝐾𝐾14𝑀𝑀𝐻𝐻𝑄𝑄 + 𝐶𝐶58𝑀𝑀𝐻𝐻𝑄𝑄𝐾𝐾58𝑀𝑀𝐻𝐻𝑄𝑄 + 1�2
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4.4 Parameter estimation 
 
Athena visual studio was used to estimate the model parameters by minimizing the objective function 

shown in Eq. 99 employing a non-linear least square algorithm.  
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 99 

The parameters were assessed by their statistical and physical significance and  The global significance 

of regression was confirmed by the resulting F- value, which is defined as the ratio of the sum of 

squares of the regression and the residual sum of squares, divided by their respective degrees of 

freedom, while the student t-test was used to assess the statistical significance of the individual 

parameters [84].  

The reparametrization of the rate constants and adsorption constant were carried out according to Eq. 

100-101 [88].  
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Where Tm is the average temperature of the whole temperature range in which the experiments were 

carried out. kTm is the value of the rate constant at Tm and Ea is the activation energy. ATm is the value 

of the adsorption constant at Tm and ΔHa is the adsorption enthalpy.  

Since the kinetic models are in terms of concentrations which have units mol volume-1, the molar flows 

at the outlet need to be converted in concentrations. As the volumetric flow at the surface of the 

wetted catalyst at a fixed molar flow depends on the operating conditions, density is needed to convert 

the molar flow in concentration. The density was estimated using Aspen plus. It was also assumed that 

the changes in composition due to the change in LHSV is negligible to the density. The densities at the 

different conditions are shown in Table 12.  

Table 12 Product density estimated with Aspen plus 

TEMPERATURE (°C) DENSITY (KG M-3) 
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300 520 

317 497 

334 473 

350 446 

The concentrations of the compounds that could be detected in both liquid products do not present a 

problem as the molar flows are known. Concentration of the reactants was calculated including only 

the molar flow of LP1 while the concentrations of products was calculated including both LP1 and LP2. 

Hydrogen concentration in the liquid phase was more difficult to determine as the molar flow cannot 

be detected in LP1 and LP2 and quantification via gas injections and measurements was not possible due 

to reasons already explained. As a result, it was decided to use the two film theory assuming that the 

reaction is much slower than the mass transfer so that the amount of any compound that reacts during 

its mass transfer is negligible [90]. Consequently, the concentration of hydrogen at the bulk CB of the 

liquid phase can be calculated according to Eq. 102  

𝑁𝑁𝑖𝑖 = 𝑘𝑘𝐿𝐿𝑎𝑎 (𝐶𝐶𝑆𝑆 − 𝐶𝐶𝑃𝑃) 102 

Where Ni is the molar flux through the film and it is assumed to be equal to the reacted hydrogen which 

can be estimated by stoichiometry of the reactants and products. kLa is the mass transfer coefficient 

and was taken from the literature as 0.013 s-1 [84].  The concentration at the interface CI was estimated 

using henry coefficients H taken from the literature [91].  

 

The total number of parameters according to the proposed kinetic models amounted to 58 which is a 

number too high for 16 experiments. The results of that parametrization were discarded as they had 

no statistical or physical significance. Consequently, a reduction of the number of parameters was done 

based on the following assumptions.  

• Rate and adsorption constants of hexadecene and octadecene are equal 

• Parametrization of olefin consumption rate was done with total olefin concentrations 

• 14THQ, 58THQ and DHQ are lumped into one pseudo-compound called HYDROG 

• OPA and PCHA are lumped into one pseudo-compound called RO 

• PB and PCH are lumped into one pseudo-compound called HC 

• Quinoline hydrodenitrogenation follows the reaction scheme shown in Figure 49 

• The total H2 concentration in the liquid phase is constant and equal to equilibrium 

 
Figure 49 Simplified quinoline hydrodenitrogenation reaction scheme by lumping products 
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Consequently, the production/consumption rates of the quinoline hydrodenitrogenation are shown in 
Eq. 103-106.  
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The new total number of parameters is reduced to 24.  
 
4.4.1 Olefin saturation parameter estimation results 
 
The results of the parameter estimation for the two proposed model for olefin saturation are shown 

in Table 13. Activation energies for both models are around 20000 kmol kJ-1 with an estimated rate 

constant ktm at the average temperature Tm of 598.15K of 0.8 kmol m-3 h-1 and 4.1 kmol m-3 h-1 for 

OHKM1 and OHKM2 respectively however no t-value was estimated for ktm in both models. For 

OHKM2, only the Ea was statistically significant and the adsorption constant at Tm of the first 

hydrogenation step. OHKM1 estimated that the Ea, adsorption enthalpies of H2, olefin, the 

chemisorbed alkane, the adsorption constants at Tm of hydrogen and olefin are statistically significant. 

Figure 6 shows the parity plots for OHKM1 (Top) and OHKM2 (Bottom). Neither of the models achieve 

an accurate prediction of the consumption rates of olefins. However, OKHM1 has a better performance 

than OHKM2 as evidenced by their F-values of 81 and 20 respectively but are low values for both 

models. The difficulty to predict the olefin consumption rate may be due to the low number of 

experiments and to the fact that the operating conditions achieved high conversions on all experiments 

preventing to observe the behavior of olefin conversion accurately.  
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Table 13 Olefin saturation parameter estimation results 

 OHKM1 OHKM2 
Parameter Value t-value 95% CI Value t-value 95% CI 

ktm (kmol kgcat
-1 h-1) 0.8 n.e. n.e. 4.1 n.e. n.e. 

Ea (kmol kJ-1) 20420.6 34.4 10260.0 19464.8 47.6 409.3 
AtmH2 (m3 kmol-1) 367.7 n.e. n.e. 1773.8 n.e. n.e. 
ΔH2 (kmol kJ-1) -369415.0 -2.7 1313.0 -943.5 n.e. n.e. 

AtmO (m3 kmol-1) 311.6 3.5 195.8 0.1 n.e. n.e. 
ΔHO (kmol kJ-1) -39666.5 -2.5 17780.0 -36.5 n.e. n.e. 

AtmOH (m3 kmol-1) 53.0 n.e. n.e. 134.7 5.5 134.7 
ΔHOH (m3 kmol-1) -28675.0 n.e. n.e. -29.1 n.e. n.e. 

AtmOH2 (kmol m-3) 134.4 n.e. n.e. n.a. n.a. n.a. 
ΔHOH2 (m3 kmol-1) -42106.5 -3.2 29190.0 n.a. n.a. n.a. 

n.e.: not estimated, n.a.: not applicable  

Figure 51 shows the residuals as a function of the two varied operating conditions, temperatures and 

LHSV. Temperature does show signs of systematic errors as the residuals are not randomly distributed. 

For both models, at 317°C the residuals are the lowest and are increased as the temperature increases. 

The reason for this is probably that at high temperatures the experimental results showed that the 

experimental conversions are less affected by temperature. Consequently, it is difficult to find an 

accurate behaviour of the consumption rate as a function of the temperature. Working at less severe 

conditions such as lower temperatures, lower pressures and higher LHSV might give better information 

for parameter estimation as conversions would be lower. LHSV also shows signs of systematic error as 

at LHSV of 1 h-1 the model tends to underestimate the consumption rate of olefins. That condition was 

the first to be tested and there were problems with the liquid pump. The flow of liquid feed to the 

reactor was highly unstable which might explain why at that LHSV there is a systematic error. By 

adjusting the PID parameters, a more stable flow was obtained for the other two LHSV tested.  OHKM3 

was not tested due to lack of time. But trying other models is also a way to eliminate systematic errors.  
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Figure 50 Parity plots for olefin saturation. Top: OHKM1, Bottom: OHKM2 

 
 

Figure 51 Residual analysis for olefin saturation. Top: OHKM1, Bottom: OHKM2 
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4.4.2 Quinoline hydrodenitrogenation parameter estimation results 
 
Table 14 shows the parameter estimation for the quinoline hydrodenitrogenation model. No activation 

energy for quinoline hydrogenation was estimated. This was probably due to the fact that as shown in 

the experimental results, the quinoline conversion was constant independent of the temperature. The 

adsorption constant at Tm and adsorption enthalpy of quinoline was found to be not statistically 

significant as well as the adsorption enthalpy of the HYDROG pseudo-compounds. Activation energies 

from reaction 2 and 3 which are the ring opening of the HYDROG pseudo-compound and the 

denitrogenation reactions were found to be lower than the value presented by Nguyen, et al.  [56]. 

The values of the rate constants are in the same order of magnitude however the values of the 

adsorption constants at Tm are 3 order of magnitude higher than those presented by Nguyen, et al 

[56] while the adsorption enthalpy of Q is 1 order of magnitude lower and the adsorption enthalpy of 

HYDROG was negligible. Adsorption enthalpies for RO and HC are in the same order of magnitude.  

The parity plots (Figure 52) show that the model cannot predict accurately the 

consumption/production rates evidenced by a low F-value of 210. The low number of experiments, the 

limited operating conditions tested, experimental errors and the simplification made on the reaction 

scheme contribute to the failure of the model as evidenced by the residual analysis in Figure 53 and 

Figure 54 which show signs of systematic errors in the prediction of the production rates of RO and HC. 

More experiments at less and more severe conditions are needed in order to observe the accurate 

behaviour of quinoline consumption and hydrocarbon production as a function of temperature. 

Lumping the intermediates and final products into pseudo-compounds may also not had been the best 

way to reduce the number of parameters. Maybe by equalling reaction constants of similar reactions 

would have been a better strategy.  

Table 14 Quinoline hydrodenitrogenation parameter estimation results 

Parameter Value t-value 95% CI 
ktm1 (kmol kgcat

-1 h-1) 186.36 3.15 118.70 
Ea1 (kmol kJ1) 0.00 n.e. n.e. 

ktm2 (kmol kgcat
-1 h-1) 53.89 1.91 36.62 

Ea2 (kmol kJ1) 51550.32 2.27 8118.00 
ktm3 (kmol kgcat

-1 h-1) 5.48 2.72 15.20 
Ea3 (kmol kJ1) 92126.54 2.44 41590.00 

AtmQ (m3 kmol-1) 100000.00 n.e. n.e. 
ΔHQ (kmol kJ1) -1345.75 n.e. n.e. 

AtmHYDROG (m3 kmol-1) 1880.46 2.30 2901.00 
ΔHHYDROG (kmol kJ1) 0.00 n.e. n.e. 
AtmRO (m3 kmol-1) 26701.64 5.19 10320.00 
ΔHRO (kmol kJ1) -34678.36 -2.27 30630.00 
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AtmHC (m3 kmol-1) 36306.15 3.46 21020.00 
ΔHHC (kmol kJ1) -80256.40 -2.44 65960.00 

 
 

 
Figure 52 Parity plots for quinoline hydrodenitrogenation 

 
 

 
Figure 53 Residuals of Q and HYDROG as a function of temperature and LHSV 
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Figure 54 Residuals of RO and HC as a function of temperature and LHSV 

 

5 Conclusion 
 
At the tested operating conditions, high but not full olefin conversions were obtained. There was no 

difference between the conversions of the selected olefins. High temperatures and low LHSV favor the 

conversion of olefins. Deep hydrodenitrogenation was not successfully achieved. Conditions more 

severe than the limits of the set-up are needed or not industrially relevant LHSV as low LHSV and  

high temperature favors the denitrogenation process. However, from the experimental results can be 

concluded that the quinoline hydrodenitrogenation follows a sequential hydrogenation, ring opening 

and denitrogenation process. The most difficult reaction appears to be the ring opening of 14THQ. It is 

also suggested that the presence of olefins affects the hydrogenation and ring opening steps of the 

hydrodenitrogenation reactions as lower nitrogen conversions than those presented in the literature 

were obtained. However, experiments in the absence of olefins are needed to verify if the olefins 

hydrogenation does or does not affect the hydrodenitrogenation of quinoline.  The results of the 

kinetic modelling, while not successful are inconclusive as there were too few experiments and too 

many parameters to be estimated at the limited operating conditions that were tested which 

prevented to reach a definite conclusion on the assumptions made. Conditions less severe are needed 

to understand correctly the behavior of olefins and quinoline conversion accurately. Conditions more 

severe are needed to understand the behavior of the quinoline hydrodenitrogenation minor 

intermediates. The experimental results showed that the more severe the conditions the production 
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of intermediates increases but as eventually they must be denitrogenated it means that the selectivity 

towards these intermediates should decrease at some point. All of this data was not integrated into 

the model as such experimental results were not obtained affecting the parameter estimation.    

 

The experimental results are relevant to understanding the hydrotreating and hydrocracking of 

mixtures of VGO and PPO. Not negligible amounts of olefins and low nitrogen conversions are obtained 

at typical hydrotreating operating conditions.  Consequently, feeding a mixture of VGO and PPO which 

was hydrotreated at typical operating conditions to a hydrocracking unit may have a negative effect 

on a standard hydrocracking process. It is important to keep researching on how mixing VGO with PPO 

affects hydrotreating at typical operating conditions. Unconventional nitrogen hetero-compounds 

such as nitriles are present in PPO, thus understanding the hydrodenitrigenation of nitriles is of 

relevance as well as oxygenated hetero-compounds which are not usually found in VGO. Model 

compounds offer a simpler way to understanding reaction mechanisms that can be used in simulation 

models. The effect of combined aromatic and olefin saturation must also be researched as well as 

combined with hydrodesulphurization and hydrodenitrogenation. Understanding these effects 

becomes a necessity in order to maximize to paraffin yield in the hydrocracking process as well as avoid 

catalyst deactivation.    
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